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ABSTRACT 

The process of column crystallisation was initially developed for the 
small scale production of ultra-pure organic compounds. The original 
units were small bench scale systems producing only a few grams of 
purified product. The work presented in the thesis is the scale up 
of a Schildknecht column to give a unit capable of producing several 
kilograms of purified product, continuously. A 100 millimetre 
diameter column crystalliser was designed and construeted, the layout 
being based upon results from the 50 millimetre diameter column. The 
equipment assembled is capable of processing a range of aqueous and 
organic, binary, eutectic mixtures. The column is able to operate 
batchwise or continuously. 

Systems investigated on the 100 millimetre column include~desalination 
and ethanol concentration. Waste effluent recovery and heavy water 
regeneration were evaluated on the 50 millimetre column. Cperation 
of the columns is optimised for the above systems, the parameters 
investigated being, speed of rotation of the transport conveyor, 
crystal production rate, product removal rate and reflux ratio. In 
order to elucidate the dominant factors in the purification process, 
an extractive washing model is utilised to calculate values of the 
diffusion and mass transfer groups. The important factors controlling 
the separation efficiency of the columns are the axial diffusion of 
impurity and the mass transfer between the adhering and free liquids 
around the crystal phase. The variation in these two parameters for 
each column is discussed. An attempt at simplifying the mathematical 
model is presented. The aim is to develop an equation capable of 
predicting key parameters rapidly, that is, product purity and column 
length. Also the effects of speed of rotation of the helical transfer 
unit on mean crystal size is reported. 
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CHAPTER 1 

(1) Introduction 

The process of fractional crystallisation is used for the 

separation and purification of components and is achieved by the 

dissolution and formation of crystals. If a solvent is pres ent, 

the pure product is crystallised out and this is fractional 

crystallisation from solution, for example, the separation of a 

mixture of salts with water. In the case of a phase transition 

without the addition of a solvent,the process is fractional 

solidification, for example, the separation of two salts from a 

melt as it is allowed to cool. One can achieve the same res ult 

when crystallising out a component from a bi nary solution, for 

example, a salt and water mixture which forms a eutectic. Upon 

cooling,either ice or pure salt separates out from solution and 

both are considered fractional solidification since no third component 

was added as solvent. This last point is very important for a 

purification,since with fractional crystallisat i on from solution,one 

has solvent as a possible product contaminant whereas this i s 
' 

eliminated with fractional solidification. 

Crystallisation has been used to improve the standard of 

living of man for several thousand years. The crystallisation of 

both salt and sugar are by far the oldest and probably among the 

most important of crystallisation activities. Bennet t(1 ) cites 

the crystallisation of sugar by the Persians in 500 A. D. as one of 

the earliest instances where the people collected syrups and boiled 

them to produce a purified form of crystalline sugar. For many 

centuries man has been aware that sea-ice has a lower salt content 

than the sea and in many instances has been used to supplement 

supplies of fresh water. This phenomenon had been observed by 

Nebbia(2) in the sixteenth century with his studies on the freezing 

of salt water. He noted the effects of the initial salt 

15 



          

         
         

         

            

           

            

 

       

          

            

         

          

         

            

         

          

       

           

         

      

         

         

         

        

         

          

          

        

          

concentration on the final product quality and how by subsequent 

freezing/melting the salt concentration could be reduced to only a 

trace. Detailed investigation by Buchanan(3) on his Antarctic 

cruise identified the constituents of the sea-ice,and that the 

success of the purification was determined by how the ice was melted . 

In this instance,the pure solvent had frozen out rejecting the brine, 

the "pockets" of brine being removed by drainage and washing as the 

ice melted. 

Industrial crystallisation, though one of the oldest 

chemical engineering unit operations, still remains one of the last 

to yield to quantitative analysis and is one of the most difficult 

to operate continuously in a steady state manner. Crystallisation 

offers several advantages as a general method of separation and 
\ 

purification. The first, and perhaps most i mportant, stems from 

the fact that the crystalline state is the most ordered one. In 

general, the crystallising substance which first separates from any 

solution is highly pure, even when the solution itself contains 

considerable quantities of contaminants. In fractional solidificati on 

the separation is a phase transition between solid- liquid and as such 

is analogous to fractional distillation, where the transition is 

between a vapour and a liquid phase. 

The separation of two or more liquids by fractional 

distillation is well known. The separation depends on the 

concentration differences between two phases at equilibrium,and is in 

effect a countercurrent method which operates continuously. Until 

recently there has been no method whereby solid/li quid separetion 

could be carried out continuousl y in one appar atus. With fractional 

solidification one utilises a column very simil ar to a packed 

distillation column and operates on concentration differences between 

the solid and liquid phases. The process is both countercu.rrent 

16 



           

          

        

          

        

             

            

           

       

          

           

   

        

            

        

           

        

             

         

             

         

         

        

        

      

         

         

         

       

        

           

and continuous in operation and suffers some of the limitations of 

a distillatiQn column, that is, attainment of equilibrium and mass 

transfer effects. With distillation one only achieves slight 

enrichment at each stage and multi-stage processes are required for 

really good separations. A good industrial fractionating column 

may contain as many as a hundred plates and be capable of separating 

closely boiling liquids on a very large scale. Since the degree of 

purification of a single crystallisation is so high, one or two 

recrystallisations will produce material of exceptionally high 

purity. This is the case with fractional solidification and one 

achieves high degrees of purity with a smaller number of theoretical 

plates in the column. 

The two processes differ in that with fractional 

solidification it is common to have low solubility in the solid phase , 

whereas liquid mixtures usually exhibit complete mutual miscibility. 

Changes in pressure have only a small effect on the solid-liquid 

phase equilibria as opposed to vapour-liquid equilibria. Alternatively 

by changing the phase of the mixture to be separated from liquid to 

solid rather than liquid-vapour, the ener gy requirements are less 

since the latent heat of fusion is usually much less than the latent 

heat of vaporization. With a fractional crystallisation process it 

is possible to separate systeos that were uneconomical for 

distillation because of low relative volatilities, close solubilities 

or sensitivity to small increases of temperature curing processing . 

Examples of commercial industrial crystallisation processes 

which have achieved importance are numerous. Various systems have 

been treated and fractional crystallisation is used for separating 

and purifying numerous organics and for concentrating aqueous systems. 

An early success using a countercurrent fractional solidification 

process was achieved by Arnold( 4)( 5) of the Philips Petroleum 

Company. He conceived a process for the production of pure p- xylene 

17 



          

            

          

          

         

         

            

          

          

            

        
           

          

        
          

          

         

            

       

         

           

             

            

         

         

           

          

            

           

            

from a mixture of its isomers. From t ypical feed stocks containing 

22 per cent p-xylene, (the r emaining 78 per cent being o, m- xylene 

plus ethyl benzene) high purity streams of p- xylene were produced of 

94 to 98.7 per cent purity. ( 6) The process has now become 

commercially established, and during the early 1960's pl ants were 

regularly producing more than 60 ,000 metric tons/annum of product 

with a purity greater than 99 per cent. This process has overcome 

the problems associated with the fractional di stillation of the xylene 

isomers. The system utilises an external chiller to produce a 

crystal slurry which is then t r eated in a column to effect the 

separation. 

Organics have also been purifi ed in single stage treatment 

.systems based upon the concepts of the Schildknecht(?) column. The 

original equipment was designed for small scale producticn of high 

purity materials and these have subsequently been developed into 

industrial units. Cne modern system, the K.C.P. Cryst~l Purif ier, (8 ) 

uses a slightly modified purification col umn and commercial pl atts in 

Japan are producing 5,000 metric tons/annU.l.il of p- dichlorobenzene of 

99.99 per cent purity. These are just two examples from the many 

available for the pr oduction of purified organic chemicals. 

Fractional crystallisation has also been applied successfully to aqueous 

systems, the major development being in the recovery of waste or 

polluted water for reuse. The main efforts have been in the field of 

desalination of sea water for the production of potaole water on a 

commercial scale. The increase in population has placed fuxther 

deoands on the existing natural water supplies. The conventional 

~ethods of damming valleys to produce huge reservoirs is not adequate 

to respond to short- term short~ges . 3etween the conception of the 

icea to build a reservoir and act ually obtaining water from it, requires 

many years of planning and construction. One also has to consi der 

the land one loses by flooding valleys , in arid areas this cou.l~ 
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result in the loss of the only fertile strips of land available . 

Apart from this, the damming of major water sources has often led 

to unforseen social and environmental problems, for example , the 

change of lifestyle for people below the dams, brought about by 

landscape changes arising from the loss of running water. Lastly we 

have seen failures in some of these well- designed dams and no 

structure can be considered totally safe when containing many millions 

of gallons of water. 

Short term rapid solutions are required to soive the 

problem of augmenting the existing water supply. Ennis(g) has 

analysed the problems faced by the United States and has been able to 

show that the daily average water demand has already exceeded the 

available supply when considered as a whole . The solution to the 

problem is complex, the available water is distributed over the face of 

the earth in a very uneven manner: less than 0.027 per cent of the 

total water is fresh and immediately available. In fact most of the 

fresh water is locked up in the Arctic and Antarctic ice caps and it 

has been estimated(,o) that if an iceberg measuring 2700 by 2700 by 

250 metres was towed at a speed of half a knot f r om the Amery ice 

shelf to Australia, 30 per cent would arrive intact. The water would 

by worth ~5.5 millions , that is, about 10 per cent of the cost of a 

similar quantity of desalinated water, compared with a towing cost of 

J1 . 0 millions. Unfortunately this is only speculation and one could 

not guarantee the success of such a venture . 

Some 97 per cent of the water available on the earth 

(13 x 108 km.3) is found in the large oceans and compared to this the 

lower seven miles of the earth's atmosphere only contains 13 x 103 1an3 , 

this is, 0.000053 per cent of the total water - an abundant source 

of drinking water is potentially available from the sea. Freeze 

crystallisation has been applied to this as a means of producing 

potable water. Research commenced around the 1940's and has progressed 

19 



          

       

    

       

          

            

       

          

          

      

       

         

          

           

         

        

         

            

      

to the point where several large freeze desalination plants are 

producing potable water,(ll) for example , Colt, Industries have 

several large field test sites: 

(a) 250,000 U.S. g.p.d. plant at Eilat, Israel 

(b) 100,000 U.S g.p.d. plant on St. Croix U.S. Virgin Islands 

A spin-off from the desalination programme has been the use of these 

various crystallisation techni~ues to treat industrial waste water. 

Several schemes have been proposed by Campbell and Emmermann(l2 ) to 

recover water and chemicals from metal finishing wastes and other 

systems containing dissolved organic and inorganic materials. 

Ih most of these applications , crystallisation is 

competing with other established methods, particularly so in the 

desalination field where distillation processes have been in use for 

many years. However as the problems of energy usage a..~d conservation 

become more important,the real advantages to be gained from 

crysttllisation processes will be realised. Provided certain process 

considerations are satisfied, that is, the freezing point temperatuxe 

does not fall much below -10°c, and one can achieve a sufficient 

recovery, then energy consumption is very favourable. 
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.CHAPTER 2 

Literature Survey 

(2.1) Continuous Crystallisation 

The various crystallisation processes have been 

differentiated by Nyvlt(l3) according to the mode of inducing 

supersaturation in the solution: 

(a) crystallisation through cooling 

(b) crystallisation through eve.poration, with constant heat 

input 

(c) crystallisation with adiabatic evaporation of solvent 

(d) crystallisation through salting- out from solution by 

another substance with a common ion which reduces the 

solubility of the crystallising substance 

(e) crystallisation induced by the addition of a second 

solvent that reduces the solubility of the crystallising 

substance 

(f) crystallisation involving chemical reacti on, such as the 

addition of a new gaseous or liquid component, electrolysis 

or thermal decomposition. 

The first three methods are most common. All the 

crystallisation processes referred to can be carried out using 

discrete batches or, where the economics are favou.reble, continuously. 

Ey suitable selection of geometric configuration and mode of agitation , 

one can produce a range of crystallisers suitable for industrial 

applications S4d those currently available have been reviewed by 

Banforth. (l4) 

We shall limit our interest to pr ocesses where the 

crystallisation is through cooling and the separation and purification , 
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is achieved in one piece of equipment. One of t he early 

techniques to utilise cryst&llisation for the production of high 

purity compounds, was zone-melting, which was described by Pfann(l5) 

in 1952. His original concept was for the pu~ification of a binary 

solid-solution alloy,but he observed that this technique could be 

applied to other materials. The material to be purified was cast 

into a small tubular container, surrounded by a narrow heating band, 

which was able to traverse the length of the tube. As the heater 

moved slowly up the column a liquified zone of material ascended the 

column at a few inches per hour. Because pure crystalline material 

tends to separate from any melt, the material which crystallised 

from the lower end of the liquified band was purer than the material 

which dissolved from the upper end. The impurities were thus 

eoncentrated in the molten band and eventually reached the top of the 

column. The process can be repeated ~any times and it is possible 

to produce exceptionally pure raaterial. 

This topic has received much scientific investigation and 

Herrington(l6) has produced a monograph devoted to the zone-melting 

of organic substances, which gives a thorough account of published 

t1ork on various types of zone-melting systems and the physic<>-chemical 

essentials of the process of zone-melting. This wor k has been 

actively pursued in Russia where it was initially developed for the 

production of the very pure semiconductors required for radioelectronics. 

They have also used zone- melting for the separation of i sotopes and 

have applied the technic;_ue to the purification of a variety of or ganic 

substances - paraffins, aromatics, ferments, antibiotics, etc. One 

particular topic whi9h has been studied has been the purification of 

monomers for t he production of more stable , higher grade polymer s . 
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Anik~(l?) has carried out detailed studies on the purification of 

methyl methacrylate and styrene to establish the distribution of 

impurity in purified substances and the ultimate purity obtainable 

in the samples. 

There have been several variations upon the basic 

technique described. Eldib(lS) has produced a separation technique 

called zone precipitation, based upon the di fferences in solubilities 

of waxes • . Eere the mixture to be separated is treated with a solvent 

until a gel is formed, the solvent itself does not have to solidi fy. 

A zone in the column is heated and is liquified, and as this hot 

zone is traversed, the liquid behind it solidifies and rejects the 

most soluble components. Thus after the heater has traversed the 

entire slab, the solids of greatest solubility will be depleted 

behind it and concentrated in the direction of movement. Another 

technique has been described by Vol~yan(l9), that of the zone 

crystallisation of liquid. Normally the charge to be purified is 

first completely crystallised, end then one or more molten zones 

passed through it. However with (z .c.L.) one does the opposite and 

a solid zone is passed through the liquid mixture. Theoretical 

i nvestigations have been underteken by Fedorova( 2o) and Filippov( 2l) 

but their detailed discussion i s beyond the scope of the present 

investigations. 

Although zone-melting was very successful for producing 

very pure materials, the quantities available were small and the 

process was difficult to operate continuously. Industry required 

large tonnage processes that could be automated and run continuously 

to compete with established methods. One of the first serious 

attempts to achieve this was made by the Philips Petroleum Company. 

While working in the field of crystD.llisation,.A:rnolc. ( 4) ( 5) invented 
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a new continuous countercurrent fractional solidification process 

analogous to continuous fractional distillation. His proposed 

system could be carried out in a horizontal tank or a continuous 

vertical tower along which a temperature gradient had been established. 

The apparatus was filled with a saturated multi-component solution 

which upon encountering the lower temperature zone formed crystals 

of one component. The crystals were transported, by gravity or 

mechanical meens,from the lower temperature zone to the higher 

temperature zone, countercurrently to the saturated solution, and 

purified crystals discharged as product. 

Developing the ideas of Arnold, Philips of the U.S.A. 

produced a small countercurrent crystal-purification column whose 

construction and operation were described by 11icKay( 22). The 

equipment consisted of a column in which a reciprocating porous 

piston compressed a crystal slurry contained therein. Crystals were 

melted by a base heater, the mother liquor being withdrawn under 

vacuum through the porous piston, while the high-purity product 

drained from the base of the column. He studied various organic and 

aqueous systems but generally yields were not high, for example, an 

average of l.8Zkg/1u: using a 50 mm diameter column. 

In 1961 Sc.hild.knecht( 23) produced the results of his wor k 

on the purification of organic systems using a small column. The 

column was 13-15 ems in length and contained an effective charge of 

7-10 g of substance. Crystal production, purification and separation 

were carried out in the one column, unlike !vicKay ' s colwi:n where the 

crystals were produced by an external scraped surface chiller. The 

column was composed of two fixed glass tubes, one placed inside the 

other, and an exact fitting steel spiral, which was rotated by 

external mee.ns around the inner tube. Cooling was applied at one end 

of the tubes while the opposite ends were heated, the crystals 
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produced in the lower temperature end being transported by the 

rotating spiral a.nd □elted at the opposite end. Schildknecht f ound 

that a spiral rotation of e0-150 r. p . m. produced the best separations. 

His initial runs were batch but by providing an inlet i n the middle 

part and outlets at the top and bottom parts, the column could be 

operated continuously. An i mportant observa tion made by Schildknecht 

was the much reduced processing times in column crystallisations, 

over those of zone-melting , to produce coopa:rable separations , that is, 

a factor of 100 times greater for zone- melting . 

Schild.knecht ' s work contained no theoretical calculations 

t hat would enable column performance to be predicted in advance. 

Anikin(l7) prepared a theory of crystallisation columns to explain t he 

purification mechanism ,and deduced an equation which predicted the 

purity of the substance after purification in a gi ven volu.r.e of the 

column. His purification mechanism was based upon successive 
' 

recrystallisations taking place in the column, until the decrease in 

impurity concentration brought about by crystallisation of the liquid 

was balanced by diffusion of impuri t y from the liquid . Concurrently 

with this work Yagi and Inou/24) were carrying out i nvestigations of 

the countercurrent crysttllisation column based upon I-'.cKay's design . 

They analysed the various phenomena i n the purification precess , t hat 

is, the relation between the f alling rate of the porous pi ston and t he 

heat supplied at the bottom of the column, the effect of pres sure on 

the purifying capacity of t he equipment, temperature distribution and 

concentra t ions of products. From their results the transfer 

coefficient and H.T . U. of the column were estimated . 

Due to continuing success with the piston t ype of column 

Philips had continued further development work a.nd the originel 

apparatus had been s caled up to pilot plant . t-:cKay and Goard( 25) 

described the operation of such a pilot scale unit , an external 

scraped ~urface chiller was still used , feeding crystals into tr.e 
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puri fication col umn. Energy for crystal movement and reflux 

drivill.g force were supplied by a pulse unit in the product line, the 

mother liquor was removed through a wall filter. l'lcKay was able to 

demonstrate the reliability of the process and its suitability for 

commercial expansion. The design was patented in 1965(26). 

In 1967 EcKay and Goard( 27) published further work which 

analysed the effects of process variables; crystals size, bed 

porosity, mother liquor viscosity and resolidification of reflux 

liquid, on the performance of the column. They also described the 

scale up of the process for p- xylene purification which had been 

developed by Philips( 2s). The pulsed crystal purification columns 

had been successfully scaled up thirteen- fold over the pilot plent 

columns. The commercial units were operating continuously with a 

high on- stream factor and were producing products of greater then 

99 plus weight percent p-xylene from feed stocks of 68- 72 percent 

p- xylene. A typ~cal column of cross-section 1000 cm
2 

produced 

530 Kg/hr of product and the projected capacity for p- xylene production 

in 1967 was 130,000 tons/yr. 

Now that column crystallisation was established more 

research was being conducted into modelling the various systems. 

Powers( 29) and his co- workers compared the two distinct types of 

columns, end and centre-fed. They examined the applications and 

results obtainable from the equipment, plus tee operatill.g variables 

associated with each. Powers developed a model which considered the 

two extremes of solid solubility, that is, a eutectic system (little or 

no solid solubility) and a system forming a solid solution. In the 

former case purification by washing was the dominant ~echanism and 

in the latter it was by recrystallisation. The mass transfer between 

adhering and free liquids and diffusion along the column determined 

the purification/separation obtainable. Concurrently Devyatykh(3o) 
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-developed his theory for countercurrent crystallisation columns 

of the Schildknecht type by assuming that for certain cases, 

separation was accomplished not by repeated recrystallisation of the 

mixture in the column but by mass exchange between the solid and 

liquid phases moving in counterflow to one another, that is, 

diffusion in the solid phase. 

Arkenbout( 3l)(32) developed his work on the concepts of 

theoretical plates and transfer units for countercurrent separation 

processes in exchange columns,to include a mathematical description 

of countercurrent crystallisation. Re derived an expression for 

the interfacial mass transfer in which the contribution of both 

recrystallisation and extractive washing were considered. The 

equation covered the whole range of solid solubilities. l•lany 

researchers were now carrying out experimental work using column 

crystallisers. Malyusov( 33) attempted to elucidate the separation 

mechanism by relating the height of an equivalent separation stage 

to process variables. He studied the effects of speed of rotation of 

the spiral and clearance between spiral e.nd column walls. The latter 

value determined the crystal size and at the smallest clearances the 

highest efficiencies were obtained, confirming the hypothesis that 

the separation was controlled by a diffusion process. 

Development of a Schildknecht column was undertaken by 

Betts(34) with the objectives of investigating the applicability of 

this crystalliser to separations and puri fications of industrially 

important rnaterials, and to o~timise the design and operation of the 

column based upon experimental and theoretical considerations. Ee 

investigated ::r.any organic and aq_ueou s systems end demonstrated the 

success of this type of column to their separation end pm-ification. 

Eowever,feed rates used in this study adver sely affected perfomance 

when increased above 500 g/hr. Betts made some quantitative 

observations about crystal size and shape but did not include any 
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theoretical treatment in this paper . Ini t iation of the development 

of commercial scale columns wa.s undertaken by l-iessrs. Newton Chambers 

Engineering Limited( 35) while the Coal Tar Research Corporation t ook 

out a patent( 36) on a pulse fed column of similar design. 

horizontal scraped surface crystalliser was also described by 

Armstrong( 37 )( 3a) who indicated its potential in dewaxing of petroleum 

oils, para-xylene separation and fatty acid preparations. 

Theoretical investigations of column c~ystallisers were 

undertaken, Albertins & Powers( 39) modelled a column operating at 

steady state under batch ccnditions. The crystals were conveyed 

through the column by a rotating and oscillating spiral. They 

measured the composition profiles directly for the eutectic system 

Benzene/cyclohexane,taking into account the i mpurity associated with 

the c:rystal phase to explain the obser•red concentraticn profilee. 

They concluded that axial dispersion end impurity level in the crystal 

phase together limited the separation that was achieved, that is,they 

neglected the washing of the adhering liquid. Player( 4o) also 

presented a mathematical analysi s of column crystallisation, wr..ich 

distinguished between the mode of purification in the end-fed , porous 

piston colwan and the centre-fed Schilc.knecht column. The 

temperature and composition profiles observed in these two types of 

columns differ markedly in that a sharp discontinuity i3 cbserved in 

the former but not in the latter. 1rhis arises fro:n the mode of 

operation of the columns• The end- fed ~orcus piston relies on ref reezing 

in a compact bed of crystals while the centre- fed column overates with 

a freely moving slurry. It relies on the washing act~cn to procuce 

pure cryste.ls r ather than displacement of adhering mother liquor since 

with a feed containing only 1-5;·~ im9uri ty refreezing would be t:Ji:1i mal . 

A mathema-:ical e.ne.lysis of a continuous column crystalliser 

was presented by Bolsaitis( 4l) for the crystallisation of p- xylene 

from xylene l!lixtu:res . Ee divided the crystalliser i nto two sect~ons : 

28 



      

        

         

         

        

           

          

          

           

          

          

      

        

          

           

          

         
         

           

        

           

      

          

    

       

   

   

   

  

  

      

a crystalliser- crystal settler, whose performance ,1as 

cnaracterised by a stripping efficiency, and a countercurrent 

washing section. The stripping efficiency was defined as the 

fraction or percentage of crystallisable meterial removed from the 

solution entering the crystallisation section. The crystals for~ed 

were transported out of this section into the enriching section of 

the column, under the influence of gTavitational, buoyant and viscous 

drag forces. The effect of the spiral es the transporting 

□echanism of the crystals was not confirr:1ed by the ez:perimental viork. 

Eowever the equation describing the enriching section c11n only be 

applied in special cases, that is, when the molar volumes of 

crystallising component and impurity are approximately equal. 

Steady state batch operation of a column crystalliser was 

again studied by G·ates & Power/42), this time extending the 

syste~s to cover the range of solid solubilities. G·ates found that 

a model wr.ich incorporated the washing of the adhering liquid 

together with the axial dispersion and impurity associated with the 

crystal phase,provided a more consistent fit of Albertins( 39) data. 

Again it was found that the rate controlling step in effecting 

separation was the mass transfer between countercurrently passing 

streams of crystal and liquid, but axial diffusion limited the final 

separation. The eutectic system Benzene/cyclohexane was again 

investigated by Henry and Powers( 43) under continuous flow operation. 

The variables investigated were 

(a) Tern:inal stream flow 

(b) Feed composition 

(c) Feed position 

rates (i) 

(ii) 

(iii) 

(iv) 

feed r ate 

bottom product rate 

overhead product rate 

internal crystal rate 

The spiral e.gitation conditions were not varied. 
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A mathematical model based on axial dispersion and 

mass transfer, together with consideration of impurity content of 

the crystal phase,was developed for the enriching and stripping 

section composition profiles. Axial dispersion was found to be the 

dominant mechanism limiting separa.tion,and the primary variable which 

determined the product purity was the enriching section product: 

crystal rate ratio. A correlaticn of crystal phase impurity 

composition with the "bottoms" product composition showed that the 

II!inimum level of impurity associated with the cryste.l phase was 

attained when the stripping section was flushed with feed material,or 

when the enriching section was operated at conditions approaching 

total reflux. The ultimate purity that can be obtained with complete 

washing is the crystal phase composition. 

Schildknecht( 44) also reported the operation of a 

continuous column crystalliser. In his previous work he had 

experienced problems with column blockage arising from agglomeration of 

crystals. Like the previous workers he had modified his columns to 

operate with an oscillatory motion of the rotating spiral. Ee 

observed good separations for the azobenzene-stilbene system, total 

solid solubility, with rotational speeds of 70-60 r. p.m. et mediuo 

amplitudes (3 to 6 mm) and oscillations of 180-330 times/min. His 

250 ml column produced good separation up to a throughput of 130 g/'nr. 

He also reported work on a semitechnical scale colwm (approximately 

2 litres capacity) for the purification of sea water and a micro

column for the rapid purification of substances in the milligram 

quantities. 

Large scale crystallisation processes were now being 

developed, one such process was invented by Brodie(45) at the Sydney 

plant of Ur.ion Carbide. The product processed was para-dichloro-

benzene and purities of 99.99 percent were achieved. from 75:25 

mixtures of the p- and o- isomers( 46). The Brodie purifier utilised 
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a long horizontal and somewhat tapered body in which crystals grew 

while passing countercurrently against an overhead flow of liquid. 

There are three general process zones: recovery, refining and 

purification with the feed entering between the recovery and the 

refining section. The temperature gradient throughout the unit is 

maintained by cooling, countercurrently, the external walls of the 

recovery and refining sections. A scraper conveyor of helical 

design transports the crystals along the horizontal recovery and 

refining sections to a vertical purification section. A vertically 

mounted agitator provides for uniform crystal settling, to build up 

a uniform moving bed, that is subjected to a countercurrent reflux 

stream. Near the base of this zone the crystals are completely 

melted to form a liquid reflux and product . The process has been 

developed and industrial units have been installed in many countries(47 ), 
\ 

for example, units are currently operating in Japan purifying 

7,200 tonne/an. naphthalene and 6,000 tonne/an. para-di-chlorobenzene 

for Nippon Steel Chemicals and Hodogaya Company. 

Variations on the basic column theme have also been 

developed. Matz(4s) described a vertical countercurrent crystalliser 

in which the Helix was driven in the opposite direction to a central 

cored shaft, through which the heat transfer medium circulated. 

Arkenbout(49) replaced the rotation and oscillation of the Helix with 

a vibratory motion applied to the column. The column contained 

sieve discs upon which steel balls rested, as the column vibrated the 

balls were set into vigorous and irregular movements. He compared 

the operation of his column to that of Philips ancl Brodie and 

discussed the various process parameters affecting the separation 

achieved. The advantages claimed for the column were that 

purification was not only achieved by washing but also by continuous, 

repeated recrystallisation brought about by the grinding of the 

crystals during passage through the column. Also mechanically the 

31 



           

        

        

          

              

            

          

          

         

          

           
   

        

         

            

        

            

          

           

             

             

          

           

          

          

         

            

        

          

          

column was simple to operate, had a high separating efficiency per 

sieve disc and was amenable to scale· up operations. 

Development of a Schildknecht column was also undertaken 

by Hobson and NcGrath ( 5o). Initial work on a 50 mm diameter 

column, 90 cm length with an internal volume of l litre was used to 

construct a 100 mm diameter colw;m, 1500 mm in length with an 

internal volume of 3.8 litres. Due to mechanical difficulties,the 

larger column was never operated under steady state conditions for 

sufficient time for the analysis of column operation. The 

development end successful operation of the 100 mm diameter column, 

together with a theoretical study of the 50 mm Giameter column were 

subsequently reported( 51). 

As an alternative to a spiral conveyo~: for crystal 

transport, Moyers(52) described a column which featured a wall scraper 

and a porous piston which rotated and reciprocated as a unit. The 

purification section was free from interual constrictions. The 

crystals were formed in the top portion of the column, the movement 

down the column being controlled with the porous piston. Liquid 

feed entered the middle of the column, mother liquor flowed overhead 

from the freezer and product was withdrawn as a liquid melt from the 

base. The crysttls were compacted i nto a dense bed as opposed to a 

high porosity crystal slurry normally used in screw conveyn,r columns. 

!·foyers also used a different approach to modelling the column. He 

described a non-adiabatic,plug flow axial dispersion model to describe 

freezer, heater, stripping and enrichment sections . Ee did not 

consider interphase transport terms since he concluded that axial 

dispersion and bulk flow effects had been shown by others to dominate 

column performance. lie reported axiel dispersion coefficients of 

0.2-0.3 cm2/s and concluded that the dense- bed column crystalliser 

exhibited near plug flow characteristics fo:- both solid and liquid 

phases. 
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The processes available for separating adhering mother 

liquor and crystal slurry were examined by Wells( 53) _ Two cases 

were considered, that of a single stage crystallisation, utilising 

a filter or centrifuge for crystal slurry separation,and a multi

stage crystallisation unit exemplified by a Schildknecht column. 

In the former the adhering liquid was removed from the crystals by 

using a wash process in conjunction ,nth the filter or centrifuge. 

In the latter the mother liquor was displaced from the crystals by 

the countercurrent wash of melted crystal product. Models 

describing both systems were presented, the column model being based 

on the developments of Henry( 43) and modified by Wells for running t he 

column under economic operating conditions. The axial dispersion 

was considered more dominant than mass transfer at the low refluxes 

considered. l-fodels relating product composition to product offtake, 

feed composition and the height of the purification section were 

presented for eutectic and solid solution systems. 

Russian workers have continued to carry out wor k on column 

crystalli~ers. Devyatykh ( 54) et al have studied the longitudinal 

mixing in a continuous countercu:rrent flow column crystalliser. The 

upper part of the column contained a scraped surface crystalliser 

utilising a short spiral of rectangular cross- section, the rest of the 

column being agitated by a spiral stirrer attached to the base of the 

helical screw. Utilising a diffusion model they detentlned the 

coefficient of longitudinal mixing and evaluated the effects of flow 

rate and crystal production rate on the magnitude of the coeff icient. 

The coefficient was evaluated using the pulsed feed of an i ndicator 

substance, that is, a tracer into t he system. Devyatykh( 55) and his 

co-workers carried out further work on a similar column to the above , 

but this time the spiral crystal stirrer was not attached to the 

coolable copper rod and rotating stirrer. The scraper and spiral 
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stirrer were put in motion by separate drives and it was possible 

to evaluate the effect of the loosener (spiral stirrer) rate on the 

separating power of the column. An important factor identified was 

an increase in separating power of the crystallisation column with a 

decrease in mean crystal size resulting from increasing loosener 

rotation rate. When the loosener rotation rate increased there was 

a reduction in the portion of solid phase and an increase in the 

intensity of longitudinal mixing showing the need for selecting the 

optimum value for the loosener rotation rate. 

Developments in the field of continuous fractional 

crystallisation have been rapid and already the established processes 

are being challenged. The Kureha Chemical Industry Company of 

Japan have recently introduced their compact crystal purifier(S6) 

based upon a precrystalliser and a column containing a screw conveyor. 

Crystals are introduced at the base and transported up the purifier, 

while reflux fluid flows down the column under gravity. Reduction of 

30-50 per cent in capital costs as well as 50 per cent reduction of 

energy costs and 50 per cent reduction in required plant area have been 

claimed by the manufacturers. The simplified design of their 

crystalliser over the Brodie Purifier promises sizeable maintenance

cost reductions according to Kureha. 
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(2.2) Continuous Crystallisation applied to Freeze Separation/ 

Concentration Processes 

Introduction 

Investigations have been undertaken to develop continuous 

crystallisation processes for industrial use. There are several 

industrial systems currently in use treating organic mixtures. 

There has also been much work carried out to develop continuous 

crystallisation processes for aqueous systems, notably the removal 

of salts from sea water to produce potable water. The processes 

investigated in this work are of this latter type, aqueous, 

eutect;c-forming systems operating above the eutectic point. The 

separations considered were • 

(a) Removal of salt from sea water 

(b) Ethanol concentration 

(c) Heavy Water Concentration 

(d) Waste effluent treatment 

Desalination 

Fermentation products 

concentration 

Upgrading/regeneration of 

heavy water to reactor grade 

quality 

Recovery of water/chemicals 

for reuse and pollution 

control 

A brief background of each system investigated is presented below. 

(2.2) (a) Desalination 

Introduction 

A supply of potable water is vital to the development of 

any country. It has been estimated(S?) that rain precipitates 

some 34o x 1012 g. p.d. over the earth's surface; unfortunately the 

distribution is random and about 60% of the earth is arid or semi-arid. 

The problem is to extract the water from its various sources. 

The ocean holds 97% of the earth' s water with 2% frozen in t he two 

polar ice caps, this accounting for 75% of the fresh water 
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of the world. Of the 1% of liquid fresh water, some is ground 

water and difficult to extract,leaving a possible 0.6% of the 

total water of the earth available to man. 

If one wishes to ~ugment the natural supplies then 

desalination will have to be employed. The techniques available 

are: (i) Distillation 

(ii) Ion exchange 

(iii) Reverse osmosis 

(iv) Electrodialysis 

(v) Freezing 

( vi) Hydrate formation 

Distillation is the most developed technique, many of the industrial 

installations being based upon this. 

development has been in the U.S .A. 

Huch of the desalination 

Strobel( 5s) and Ennis(g) have 

carried out economic investigations for desalination, and in his 

projected role for desalination,Strobel predicted the following trends: 

Year 1980 2000 2020 

Desalting 
510 r~.G.D. 3090 r-I .G . .D. 5700 M. G.D. 

Capacity 

TABLE(2.l) 

( rt. .G.D. = millions of gallons per day) In 1971 Desalting capacity = 56 K.G.D. 

Ennis has also suggested that by the 1970's costs for producing 

potable water by conventional methods (reservoirs, a~uifiers) will be 

us comparable when considering plants of 50 M. G. D. or over. 

In January 1975, the total world desalting capacity was 

analysed by lforris ( 59 ), and showed the foll owing trends: 

318 M':
3

• G.D. for sea water and 120 1•1':1
5 . G.D. for brackish water. 

Almost 40;b of the installed capacity ·,1as l-lul tiple Effect distillation, 

n1embranes and freezing contributing virtually zero . The distillation 
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processes were dominated by Multi- Stage- Flash,a.ccounting for some 

9o{c, of installed capacity. The only lar ge orders for M.S.F. in the 

us 150-200 M. G.D. were for the oil-rich countries; elsewhere it had 

declined , reflecting the energy costs associated with desalination. 

In the U.K. desalination expertise has been developed , 

the main outlets being the Middle Eastern countries. Desalination 

plants for producing drinking water have not been installed in our 

country. However various studies(6o) have shown that our demand 

for water will have doubled by the end of the century. As a result, 

it will be necessary to construct over the next 30 years, water 

conservation projects with a total capacity equivalent to those 

constructed in the last century. There is a possibility to augment 

these r esources - artificial recharge of aquifiers , recycling of used 

water, but these must be used with care . Israel's water system 

oper ates virtually within a closed cycle and they ar e extremely 

dependent upon recycling waters for irrigation, etc. Recently it 

has been reported(61 ) that there is an alanning accumulation of 

miner als , chloride salts, pesticides , fertilizers, nitrates and 

detergents in their coastal aquifiers and it appears desalination will 

be inevitable before the end of the century. 

In their latest report (62 ) the Water Resources Board 

analysed the need for desalination and concluded that it was not 

economically viable , at least for the period up to the end of the 

century. Ours was a problem of distribution rather than deprivation. 

These findings have been criticised by Silver(63 ) as being short

sighted and he advocates a more enlightened policy towards 

desalination by distillation or reverse osmosis. One of the main 

drawbacks to implementing this policy would be the necessity to site 

the desalination plants on areas of unpolluted coast line. Butler( 64 ) 

cites the example of the (M . S.F.) plant at Terneuzen in Holland, in 

the heart of the refineries/petrochemical complex where the desalinated 



     

         

             

         

          

          

     

         

          

           

  

water produced is unfit to drink. 

The arguments for or against desalination are complex. We 

have seen that from an energy point of view costs are always higher 

for desali nation than conventional supply. However where energy is 

cheaper, conditions more amenable and water is not easily obtained, 

desalination is the only answer. In his assessment of the 

desalination technology, Heckroth(65 ) compared the major systems 

available other than distillation and freezing and concluded that 

although the technology was advancing, for municipal water use there 

was only one conclusion; "The future of desalting was bright but 

costs must drop". 
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Distillation Desalination 

The various cesalination processes can be represented thus : 

Desalting Process 

Heat (Distillation) 

I I 
Flash Boiling 

I 
Evaporation-➔Vapour 

(Submerged Tu.be) 

ifal ti- Stage 
Flash 

(N.S.F. ) 

I 
4 Vapour Inside 

Tube 
(Horizontal) 
(falling ) 
(film ) 

(H.F.F.) 

Compression 
Eva;oration 

Vapour Outside 
Tube 

(Vertical 'i'ube) 
(Evaporator ) 

(V.T.E. ) 

FIG.(2.1) 

Power CoJw,ing 

I I 
Freezing Electro R. O. 

Dialysis 

The two main distillation processes are t he ( i:-1 . S . F . ) and 

fi:ultiple effect (i•i . E.) of which t h e (R. F . F.) and (V. T . Z. ) are 

examples. A very comprehensive account of t he &evelo?ment and 

operation of these systems has been presented by Forteous( 66) , in 

his book, Saline Water Distillation Processes. 

Original desalination plants were on single effect and 

~reduced only one pound of distillate per pound of steam; scme lar.d-

based plants used three effects,but these plants were costl y tc build 

and expensive to operate. A growing demand led to t he E. S. P. 

process "taking- cff" in the l ate fifties and much of the pioneering 

work was carried out by Professor R. S. Silver( 67 ) and Dr A. Frankel( GB) 

who also produced designs for improving the multiple effect process. 

The two t1ost ccC1mon types of multiple effect are the V.T. E. 

and H.F.F. In the first, brine entering an effect flows across the 
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upper tube plate, through a distributor nozzle to form a liquid 

film which flows down the inside of the tube. Steam condenses on 

the outside of the tube, forming product distillate, causing 

evaporation of brine inside the tube. ~team formed by evaporation 

from the brine acts as a heating medium in the next effect and brine 

leaving the bottom of the tubes is feed for the next. In the 

H.F.F. the situation is reversed, horizontal bundles of tubes have 

steam condensing on the inside of the tubes transferring heat to 

the evaporating brine cascaoing freely over the outside of the tubes. 

Unevaporated brine passes to the top of the next effect, operating 

at a lower pressure where it flashes to a lower .temperature. It 

then passes on to the outside of the tubes of the effect. Steam 

generated in one effect passes to the next and acts as a heating 

medium. 

The most widely used technic;_ue today is the N. S.F. , 

accounting for some 97% of the world capacity for desalting~ 57) 

In this system a large number of st~ges operate together at 

successively lower pressures. The condensing of the vapours to pre-

heat the sea water occurs countercurrently to the multi- stage flash to 

give e cooling evaporation and heating- condensation heat interchange. 

There is no evaporation heat transfer surface but there is a 

condensation heat transfer surface . In the early plants the flash 

evaporation and condensation were rather turbulent givinB rise tc 

major ener~ losses; this was overcorae with the development of t he 

controlled fl~sh evaporation process - C.F.E. 

The major problem encountered in the above methods i s the 

production of sea.le as the hot brine deposits carbonates and the like, 

This requires that the brine undergoes a suitnble pre-treatment. 

Corrosion is also a problem, more so in the h . S . F . because of 

increased concentrations and elevated temperatures. Al so the brine 

temperature determines the flash range which can be obtained and 

40 



          

           

          

         

          

           

       

         

        

           

         

           

         

           

        
           

          

         

output is directly related to flash range. Likewise the multiple 

effect process is limited by the elevation of the boiling point 

with concentration, reducing the number of stages to twelve for 

practical purposes. In his assessment of the various distil lation 

processes Pugh( 69) believes that the M.E. processes have inherent 

advantages which will (a) enable them to compete with the i1 . S.F. 

and (b) potentially produce water 20~b more cheaply. 

Research is continuing on ways to make evaporation processes 

more attractive but unfortunately the escalating spiral of 

construction and energy cost has become a major factor in the 

assembly of these plants. Developments for t he future i nclude 

combining the (N.S .F. / H. E.) via a steam compressor to produce a 

hybrid process known as the Vapour Compression Evaporator - V.C .B. 

which would combine well with nuclear desalination. A review of the 

new developments in distillation desalination has recently been 

presented by Veenmon~?O) He not only describes the mechanism of the 

processes but provides a comparison of the investment or capital 

costs, energy costs, operating and maintenance costs for the processes. 

41 



 

       

           

         

          

           

            

          

           

          

         

           

          

           

         

          

          

         

     

  

      

          

            

          

          

          

           

           

          

         

           

Solar Desalination 

In order to reduce energy requirements several ~ttempts 

have been made to utilise solar radiation. Sheth(?l) et al proposed 

usi ng solar r adiation under retarded evaporation conditions, that is, 

using the temperature difference between the surface sea water and 

deep sea water. The process would require storage of heated sea 

water which wculd be fed into a heat exchanger, under vacuum, wherein 

the warn sea water would partially flash evaporate. True Solar 

distillation systems have been erected on several of the Greek Islands(72 ) 

and Australia. The stills comprise a brine pool with associated 

radiation-absorbent liner, a supporting structure e.nd a glass or 

plastic cover. An inlet for feed water, distillate removal from the 

1 d • t b • tl • • ' Porteous( 66) has g ass an a reJec rine ou et are requirea. 

described the construction of such stills on the Island of Aldabra. 

Attempts at cheapness of construction using plastic roofs, light 

supporting structures and polythene lined brine pools have not proved 

an economic , durable method, viz. the Syrni still constructed by 

Delyannis and Piperoglous has required modifications to change the 

plastic roof to a glass one. 

Reverse Osmosis Desalination 

Desalination techniques based on membranes have been 

developed and have been described in various texts.(74) Reverse 

Osmosis is a general tern applied to a membrane process for separation 

and concentration of substances in solution. It usually consists of 

allowing a solvent to preferentially pass through a men:b:rc.ne normally 

described as semi- permeable. The product is thus enriched in solvent, 

leaving a concentrated solution on the opposite side of the filembrane. 

The process takes place at ambient temperature and thus no phase 

change is involved. Normally "osmosis" describes the flow of solvent 

through a semi- permeable meobrane from a less concentrated solution 

to an area of higher concentration. The normal osmotic flew of 

42 



           

            

      

      

       

           

          

          

            

          

          

         

               

            

        

          

        
         

            

        

            

           

          

            

         

         

           

          

           

     

solvent can be reversed on application of hyd:rau.lic pressure to the 

more concentrated solution if such pressure is in excess of the normal 

osmotic pressure, hence the term Reverse Osmosis. 

The preparation and operetion mechanisms have been 

extensively studied(75) and new membranes are being constantly 

developed especially in the desalination field. (76) One of the main 

drawbacks to the process is the increased hydraulic pressure required 

for increased salinity together with the sensitivity of the ~eobranes 

to the state of the incoming feed. Thus most R.O. plants operate 

using brackish water and a basic plant r equires pretreatment cartridge 

filters and chemical feeders; high pressure pumps and post t reatment 

equipment. The problems of. suspended and colloidal material build 

up on the surface of the membrane - fouling - and its effects on the 

membrane flux have been a major problem in the successful operation of 

many plants. Various design modifications have beer. studied and 

developed(7.?) to reduce this problem and R.O. modules have been 

developed to handle many separation problems . A related process 

utilising membr anes is electrodialysis;(?S) the process is based 

upon a cell constructed from a le.rge number of membrane - separe. ted 

compartments across which an electrical potential can be applied. 

The ~embr~es are chosen to be ion selective and the saline solution 

passes over the surface of the membranes. The stack is arranged 

such that positive and negative electrodes terminate the stack at 

each end,and when a D.C. potential is applied the cations migrate 

towards the cathode through the cation-permeable membranes into the 

concentration solution. ~J.rther migration is prevented by the anion 

selective membrane next in line. The cations are thus retained in 

these brine ccmpartments. A sin:ilar process occurs with the anions. 

Thus one gets two streams building up,a concentr~ted or waste stream 

and a diluting or product stream. 
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Like the R.O. plants they also are used on brackish waters 

and suffer similar problems during operation. The problems 

encountered are polarisation and scaling, this is where there is 

enr ichment of salt concentr ation near the surfaces of the menbranes 

facing the brine compartments and a corresponding depletion i n the 

fresh water compartments. The polarisation factor exerts a 

considerable i nfl uence on the economics of electrodialysis. A 

recent estimate of membrane desalti ng capacity is(7o) : 

Reverse Osmosis 518 Plants 632 X 103 
rr.
3/ day 

Elet:trodialysis 85 II 138 II II 

El ectrodialysis-reversing 86 II 58 II II 

TA:BLE(2.2) 

for pl ants with capacities of 95 m3/day or more. 

Ion Exchange Desalination 

Ion exchange processes have also been applied to 

desalination(79) but for conventionally, chemically regenerated ion 

exchange, chemical cost normally confines the process to treating 

waters of 800 p. p.m. or l ess Total Di ssol ved Solids.(so) The 

continual regeneration of the exchange resins and the complexity of 

running the systems limi ts their use to where a high quality product 

is required. An inter esting solution to this problem has been 

developed by Sirotherm, I .C.I. Austr al ia(oO) for producing boiler 

water for a Soda Ash factory. They have produced a resin that can 

be r egenerated by washi ng with hot water. The process operntes on 

short cycle times , 55 minutes for absorption and 14 minutes for 

regeneration and despite pr obl ems with dissolved oxygen levels, the 
, 

resins performance has been to specification. 
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Freezing Processes for desalination 

Presently we are faced with the dilemma of increasing 

energy costs plus reductions in supplies and as such any process 

capable of reducing energy demands( 57) is worthy of consideration. 

To this end much work has been carried out on developing 

desalination by freezing and in 1952 The Office of Saline Water (o .s.·,if.) 

was created in the U.S.A. to carry out research and development in 

desalination. 

As we have seen natural freeze desalination has been known 

for many years. In the colder regions of the earth , the ocean 

freezes to form an ice layer which is composed of pure ice and 

pockets con~aining concentrated salt water. Annual thaws provide 

water for downward washing action which eventually leaves the 

uppermost ice layers free of brine. This ice when melted, provides 

potable water. Such techniques were reported by Nebbia( 2) for sea 

water purification where a repeated freezing/melting technique reduced 

the salt concentration to only traces, the final level being 

dependent upon the initial salt concentration. 

It was recognised that such techniques were useful in 

augmenting ships'water supplies. A more detailed understanding of 

the freezing process was provided by Buchanan.(3) His early 

investigations were directed towards explaining the purity variations 

of ice he collected from the sea or glaciers. He identified the 

brine ''pockets" in the ice as the source of the inhomogeneities in 

the product water and was able to publish quantitative data fo~ the 

freezing of salt water. It was some years later before the idea of 

incorporating the freezing phenomenon was utilised in a working 

process. In the early 1940 1 s various schemes were proposed and 

patents granted. All employed virtually the same process steps 

(a) freezing, (b) separation-washing, (c) condensing-melting and 

(d) heat exchange. The developments of modern processes have 
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followed these steps differing mainly in the detail for carrying out 

the various operations. 

Freeze Desalination 

The freezing of ice can be accomplished directly on a 

surface cooled by mechanical refrigeration. Weiss(ll) summarised 

the various disadvantages associated with the method and concluded 

it was not a viable method for commercial production of fresh water. 

The processes chosen differ principally in whether the refrigerant is 

the water it~elf or an immisciole seco~dary refrigerent. The former 

is designated a primary refrigerant process and the latter a 

secondary refrigerant process. Commercially the primary refrigerant 

process is known as Vacuum Freezing, Vapour Compression or Vacuum 

Flash Freezing. The process has been extensively described in the 

literature(Sl)(s2)(s3)(s4 ) and developed corunercially in America by 

the Carrier Corporation, Colt Industries and also in Israel by the 

Israel Desalination Engineering (Zarchin Process) Limited. 

In the process, feedwater is passed through a heat exche..cger 

and is cooled by the product and brine streams leaving the process, 

to within a few degrees of its freezing point. The feed enters the 

crystalliser where the refrigerant (water vapour) is evaporeted by 

vacuum, thus removing heat from the feed water and forming ice. The 

refrigerant vapour is pumped out cf the crystalliser by a compressor 

and is recontacted with ice that has been washed and it gives up its 

latent heat by condensing. This causes the ice to ~elt. The melted 

ice becomes the product and is pumped out of t he process in beat 

exchange with the feed. The ice is pumped from the crystalliser to 

a counter washer as a slurry with the concentrated feed water. 

The Secondary Refrigerant Process has also been extensively 

developed by Struthers(e3) (S.S.I.c.), Blaw-Knox,(53) Avoo Systems 

Division(e5) and Simon-Carves (U.K.A.E.A.)(86)(57 ) using Butane or 

other immiscible fluoro car.bon liquids as the refrigerant medium. 
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Sea water, filtered and pre- cooled in a primary heat exchanger, i s 

fed into a crystalliser, into which liquid butane is injected. The 

butane boils under reduced pressure and the resultant cooling effect 

leads to the fonnation and growth of ice crystals from the water. 

The ice/brine slurry so produced is passed to a wash column separator 

where the brine is drained off and the ice washed with a small 

fraction of product water. The washed crystals then pass into a 

melter vessel, in which they are brought into contact with butane 

gas fed from the crystalliser through a low- pressure compressor. The 

crystals melt in contact with the compressed gas, most of which, in 

turn, condenses on the melting ice, and the two immiscible liquids 

are then separated in a decanter. 

The major development in the U.K. undertaken by Simon- Carves 

Limited, U.K.A.E.A. and the Government was to construct a 

4500 m3/day (1.M . G.D.) pilot plant on a site at Ipswich. Fr om 

previous work with a laboratory- scale plant (45.5 m3/day) 

(10,000 G.D.) Simons scaled up to the pilot plant which was to be used 

to demonstrate the feasibility of a 5 M.G.D. commercial plant. It 

was believed at the time that costs from desalinated water from 

freezing would fall below those for other processes and conventional 

water schemes( 6o) and there was a potential market in Northern 

E!urope for these systems. However this was not realised and faced 

with rising development costs, the plans were shelved in 1972. 

Experience has shown that difficulties in the design and 

operation of the steps following the initial freezing have been 

responsible for most of the operating costs. Critical points appear 

to be the wash separators , the heat exchangers, the melters and the 

compressors. However Bardhun(SS)(s 9 ) in his reviews has also 

highlighted problems associated with the use of Butane and its 

derivatives, namely the formation of various hydrates together with 
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the ice. Elimination of this problem has been achieved by the 

suitable choice of refrigerant and improved dispersion of refrigerant 

in the sea water; Gibson et al(go) used spray nozzles and Freon - 114 

in their system. Carrier(91 ) has experimented with Octafluoro-

cyclobutane C- 318 which satisfies all the requirements but is very 

expensive to use. The use of liquid Natural Ga/92 ) (93) has also 

been consider ed but would be difficult to use in a crystalliser • 

. i\.nother problem is the emulsification of liquid refrigerant 

in the slurry with drop sizes ranging from a few to a hundred 

microns. Avco Corporation experienced this with Freon- 114 refrigerant(S8) 

and likewise the U.K . A.E . A. in their butane desalination plant. 

Denton et al(94) carried out experiments on methods to remove the 

dissolved and entrained butane and also to improve the melting of the 

ice to facilitate butane disengagement. If the butane is not 

removed there is a gradual coalescence of these droplets in the wash 

column, reducing porosity irregularly,and giving poor washing results. 

Another requir ement is that one has to strip not only the dissolved 

butane from the water and brine products, but also to remove as 

much as ten times this amount of emulsified butane . Failure to 

achieve this renders the water unpalatable and it exceeds the limit 

for butane in d r inking water of 0. 1 mg/1(94) determined chromograph

ically. 

Investigations of the washing and melting of the ice have 

been carried out . The only successful washing device has been the 

countercurrent wash column(91) and the operational characteristics 

have been described by Grossman,(95 ) Schwartz and Probstein. (96 ) (97 ) 

Experimental work and theoretical models have been used to describe 

column performance, the most successful systems operating under 

pressure rather than gravity. A unit throughput of thirty times 

that obtainable in a gravity column has been achieved using the 
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pressure column,allowing these columns to be reduced in size . 

.An interesting development described by Snyder(9e) was 

the use of hydrate formation for desalination. In this process the 

water solidifies and precipitates at higher temperature and pressure 

than does pure ice , due to the presence of a hydr ating agent. The 

solid contains no salt and has 5-1 5 mole percent of hydrating agent 

which, since it is insoluble in water, separates when the ice melts. 

The brine slurry and hydrates are treated in a wash column very 

similar to the one used in a conventional S.R.F. process . 

Hydrating agents described include chlorine, methyl bromide, 

C c1
2 

F
2 

and Propane(e3)_ One of the main problems with the 

hydrate process has been the production of large correctly- shaped 

crystals for easy washing since smaller crystals tend to produce 

compacted beds of low permeability. (91 ) 

Several other schemes for desalination using freezing have 

been proposed~ Ashley(gg) described an indirect freezing system 

using a helical agitation unit. Sea water enters t~e helical 

passageway at the top of the freezing section and as it passes down , 

forms an ice slurry. The ice converges t owards the centre of t he 

passageway while the brine remains close to the refrigerant surface. 

The ice slurry and brine are separated in a gravity wash column. 

Less complicated systems have been described by Johnson(99) and 

Curran. ( 1oo)Both use t· 1 • d" t f • d 1 conven iona in irec reezing an re y upon 

freezing a portion of the impure water onto the cold surface . By 

careful balancing of refrigerant and sea water flows it is possible 

to remove pure ice from the vessel walls using a scraper, or by 

simultaneous melting and draining . 

Freezing processes were also investigated to solve the 

problem of handling large volumes of waste brine . 
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The Eutectic Freezing Process has been developed by A. V.C. O. (101 )( 93 ) 

and involves four principal unit operations: 

(a) Crystallisation of salt hydrate 

(b) Separation of ice and hydrate crystals from a eutectic slurry 

(c) Counter- curr ent washing of eutectic ice 

(d) Drying of the hydrate crystals 

TM The system is a development of the AVCO Crystalex 

pr ocess, except the f r eezing is continued until the eutectic 

temper ature is reached, 23. 3% Sodium Chloride and -6°F, whereupon the 

ice and salt crystallise simultaneously. The relationship of 

freeze-based systems to other desalination; processes has been 

presented as foll~ws : (Gg) 

35000 ea 

10000 

Feed 5000 

Wat er 
Salinity 
(ppm) 2000 

Distillation~ 

l 
Fr eeze 

l 

0 
. ~ 

!Rever se smos1s 
~ 

500 

1000 

750 
Electrodialysis 

olluted Pretreatment 
River ,.. pl us 

alin· 
(ppm) 

300 River 
200 

Pretreatment + Ion Exchange ...,. 

FIG. (2.2) 
The application of various desalination processes 

Presently there are no major S.R.F. schemes oper ating and 

much of the pilot plant work in America has ceased, one of the 

last being that of A. V.C . O. at "'frightsvi lle Beach in 1975 . (93 ) 

. ( 102) The U.K.A.E.A. has continued to examine the S.R.F. proJect, and 

has proposed an integral design incorporating the four main process 

stages which would be capable of produci ng water at a cost lower 
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-than those of competing systems. 

Review of Desa1ination Research 

The interest in desalination has stimulated much research 

into the crystallisation processes occurrir.g during t he freezing 

of salt water solutions. Various worke~s have studied agitation , 

heat transfer to suspended particles, ice nucleation r ates, heat 

transfer to evaporating droplets, effects of residence time, etc, 

all with the idea of improving performance of the crystalliser. 

Early work reported by Harriot, (io3) on ice growth in a direct 

contact, butane-cooled, stirred tank, showed this occuxred one 

~uarter to one half times as fast as predicted from heat transfer 

correlations. Ee also analysed the effects of crystal shape on 

diffusion of salt around a growing crystal. Fernandez and 

Bardhun(ag) studied the growth process at the ti p of a growing 

dendrite and were able to rele. te the growth r ate in the a- axi s ,..,i th 

water velocity a.i.d applied subcooling. 

Research had also been conducted outside the U. S . ~. , the 

Ja:panese being interested in the concentration of sea wa.ter by 

freezing,and the effective use of t he constituents of sea water. 

Umano and Kawasaki(io4) carried out wort on the nucleation and 

growth of ice crystals in sea water. Orcutt(s3)(io5) had al so 

studied the nucleation and growth applied to the S. R. F. process. 

Eis model considered the influence of the refrigerant phase on 

nucleation rate and the crystal size distribution in the crystallise~. 

Ee considered two growth meche.nism.s : a heat transfer limited grcwth, 

or gTowth accompanied by agglomeration, this letter providing the 

best agreement between observed and calculated size c.istributions. 

Orcutt end Cary(l06) also studied the process of li~uid mixing in 

the freezer crystalliser vessel and were able tc relate the degree 

of mixine to the power input to the agitatcrs and their po!::ition in 

the vessel. 
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The mechanism of salt rejection during the freezing of 

sodium chloride solution was described by Terwilliger and Dizio(lo7 ) . 

They ,-Tished to describe mathematically the system for sodium chloride 

solution undergoing solidification and exFeriencing solute 

redistribution,and also to analyse the factors responsible for 

controlling salt segregation. Utilising a new experimental 

technique they were able to monitor the sodium chloride rich boundary 

layer,and determine both the liquid and solid phase solute 

distributions. This was found to depend upon: 

(a) the liquid phase interface concentration which is controlled. 

by the supercooling 

(b) the thermal driving force imposed to initiate and maintain 

freezing. 

On the S8.llle t heme Janzow and Chao(1o8 )(log) studied the mechani sm 

of salt entrainment for ice crystallised from brine. Their 

original concept had been for a desalination system using pre-cooled 

hollow pellets,which simultaneously served as artificial nucleat ion 

sites and carriers of ice crystals as they traversed through the 

brine. In their study, ice was grown on one of these pellets and by 

varying the brine velocity and subcooling,the effect on salt 

entrainment was studied. They concl~ded that the brine adhering 

to the thin plates of ice was retained in the interstices by 

capillary forces p.nd as such they were unable to produce pure i ce 

even after subjecting the pellets to a rinsing trea~~ent. During 

this study they also observed the formation of large crystal s of 

plate- like ice in the bulk of the slowly traversing brine. The 

phenomenon took place only when ice crystals were simultaneously 

grown on a chilled solid surface elsewhere in the brine, inducing t he 

free ice crystallisation. 

Studies of ice crystallisation by direct contact 

refrigeraticn were reported by hargolis et al. (no) They studied 
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the effects of driving force, residence time and agitation rates 

on the crystal size distribution, in a small continuous ice 

crystalliser. The important results were: 

(a) that higher agitation rates gave scaller crystals 

(b) that crystal size was not reduced by halving the residence 

time fro~ 13 to 6.5 minutes. 

The crystals produced were observed and photographed showing them to 

be disc-shaped and larger than those predicted by permeability 

measurements. Modelling of the batch crystallisation process for 

the ice- brine system was undertaken by Wey and Estrin. (ll l) They 

considered the crystallisation processes as being described by a 

population balance,plus material and energy balance equations. A 

general size- dependent growth model , based upon diffusion-controlled 

growth mechanisms, and a simple power l ew for the nucleaticn rate 

involving the supersaturation and total surface area,were included. 

The results revealed that the heat transfer properties of the 

crystalliser, the level of agitation, the coolant temperature and 

t he number of seeds markedly affected t he final distribution. 

Desalination by Continuous Column Crystallisation has been 

described by Hobson and i1'icGrath~ 5o) Subsequent work has been 

carried out to develop the system( 5i) and produce a dynamic model, 

which describes the operation of the column, based on experimental 

and computer simulation work. (ll2) From the ~odel the behaviour of 

the column could be predicted for the freezing section, so far as 

nucleation and growth of solids present, were concerned. 

~van et al(ss) also studied nucleatiqn r a tes in an ice crystalliser, 

assuming primary nucleation was negligible and secondary nucleation 

occurred at rates controlled by the rate of re~oval of nuclei 

growing on existing cryst~ls. They al so proposed detailed models 

for these nucleation r ates observed. Kane and hi s co-wo:-kers(ll3) 

also investigated the kinetics of the secondary nucleation of ice 
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and its implications to the operation of continuous crystallisers. 

Nucleation rates were determined for a wide range of solution 

subcoolings, refrigerant subcooling, agitation power, i mpellor 

configuration and salt concentration. The average crystal size 

was found to be most sensitive to the solution subcooling, but 

relatively insensitive to the refrigerant subcooli ng, degree of 

agitation and type of agitator over the operating conditions 

considered. Similarly they believed that new nuclei resulted from 

shearing dendrites or surface irregularities on the surface of the 

parent crystals. The results also suggested that nucleation 

occurred due to collision of crystals with the crystalliser,end 

possibly from fluid shear effects. Crystal-crystal collision 

nucleation was negligible at the ice concentrations used . 
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(2 .2.) (b) Ethanol Concentration 

The production and concentration of ethanol by 

fermentation and distillation is a very ancient science. Alcohol 

was known to the ancients as ttey witnessed its evaporation on 

boiling, the first aqueous solutions being produced around the 

12th Century, when it was extolled for its curative effects. The 

various fermentation and di stillation techniques have been described 

by Austin, (ii4) where he makes the point that the ferreentation 

process is similar for all sugars, the end use deteruining any 

variations. Distillers require the ~aximum alcohol obtainable, 

while the brewer has flavours, colour, etc., to consider . These 

latter points are worthy of consideration as Richie(n5) indicates 

that the problem with distilling fermented fruits is tl:e loss of 

some of the original flavours, e.g. fusel oils which contribute to 

the bou~uet of the wine a.re often high boiling and tend to conce~trate 

in the 11 tails11 during distillation. 

The canufacture of ethanol has been based upon the abundance 

of cheap raw materials e.g. in Germany alcohol is produced al.most 

exclusively by fermentation,whereas in the U. S. A. synthetic alcohol in 

produced from cheap ethylene. The production of ethanol by 

fermentation is limited by the tolerance of t he yeast to the increasing 

ethanol and original sugar concentration, e. g . with sacchrcn:yces, t he 

initial sugar concentration must not exceed 12-15-✓;. Thus in wi ne 

production one normally produces 9-12,~ by volume of alcohol which has 

to be upgraded by some physical concentration tech..~i~ue to produce 

fortified wines or spirit. The possibili t :,· of ethanol concentra tion 

was suggested by .Setts(34) with a view to reducing transport costs 

when shipping wines and beers. 

Beer concentra tes were also produced by ;,:cKay( 27 ) from the 

pilot plant, Philips piston crystalliser. A beer cont aining 4. 9;0 
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0 by volume was cooled in a chiller to about 26 F to form a slurry 

containing 40 wt';'$ ice crystals. Upon processing in the column a 

beer concentrate of about 6% by vol ume alcohol was produced, which 

on reconstitution to the original strength gave a beer equal in 

taste and analysis to the original feed. A beer concentrating plant 

based on this was described by HcKay, (2e) the efficiency was such 

that the melted crystals were removed as 99. 97~ pure water product 

which was reused for normal brewery operations. The system operated 

under positive, carbon dioxide pressure and as all the solids 

handling occurred within the equipment,the beer did not contact the 

atmosphere . 

.Another field of interest centred around ethanol has 

developed from its use as a fuel ener gy source. As an alternative 

to methane gener ation, a nu.nber of fer mentation technologists are 

l ooking a t the production of ethanol from crops and wastes. 

Eumphries(llG) has concluded that with vacuum fermentation the process 

could be economically attractive; however, the economic bot tleneck 

is the separation of the alcohol from the aqueous fermentation 

medium, t hat is, the high costs associated with distillation. 

Laboratory studies(ll?) have produced ethanol from cor n stalks by 

hydrolysis with sulphuric acid to produce a mixture of glucose and 

xylose which can be fermented using a suitable yee.s t. Current 

es timates are that a ton of corn wou.ld produce 415 l bs (188 kgs) of 

ethyl alcohol based on 9<:ft~ conversion of the hexosans and pentosann. 

The proposed system uses a distilla tion column to upgr ade a feed of 

approximately 3% ethanol fro□ the fernentation pr ocess. The ethanol 

produced in this manner can be blended with conventional petroleum, 

extendi ng the supplies of the primary fuel. Countries with abundant 

corn supplies have launched i nto this technology snd currently 

"gaso-hol" is undergoing tests in several countri es . It is feasible 
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in the near future that ethanol will supplant petroleum as t he main 

fue l for motor vehicles, especially in countries able to produce 

corn products on a vast scale. 

(2 . 2) (c) Deuterium Oxide Pr oduction and Concentration 

Deuterium, heavy hydrogen, was first identified by 

H. C. Urey and his co- workers in 1931. Both deuterium and its 

oxide , heavy water, immediately became of interest in chemical and 

biochemical research. About ten years later, at the inception of 

the wartime atomic energy project , it was r ecognised that heavy 

water would be an excellent moder ator for a nuclear reactor 

producing plutonium. With the rapid expansion of the nuclear 

progr amme i n the 1950's, the demand for greater quantities of heavy 

water increased and it was necessary to proceed r apidly with the 

design and construction of large new production facilities . 

From early research, t he accepted figure for the 

Deuterium: Hydrogen in naturally occurring waters was 1 :6900 , 

that is 0.0145 mole percent Deuterium Oxide . The possible exchange 

reactions were: 

---l 2 HD --
which, due to the low concentration of starting material, would have 

to be carried out with multiple cascades to give stagewise enrichment . 

( 11 8) 
In his early review of enrichment processes Augood quotes the 

current pr ice for Deuterium Oxide as 70,000 pounds per ton. The 

techniques fo~ mass production had to be developed rapidly and various 

systems were based upon Disti l lation, Chemical Exchange and 

Electrolysis. Early distillation processes were described by 

(119) . 
Selak, the first was based on the differences in boiling points 

between water and deuterium oxide. The distillation was carried 

out under vacuum, the final product being treated by electrolysis . 
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In the plant the li20 was stripped from the sli&htly less volatile 

heevy water (nilO and D2o) giving concentrations of 905~ D20. The 

process was not economic and design ca~acity was not achieved in the 

plants primarily due to the low plate efficiencies i n the initial 

stages of the distillation train. A typical plant described by 

· d ( llB) f d • d • t • t ~ 1 ... D O .,. + ..;.,ugoo or a esigne proc.uc ion r a e 01 _ 1,0n 
2 

per "l'1en vy-

eight days,consisted of 15 sets of 8- coluum ele~ents, 72_- 100 feet 

high. White (i2o) also concluded that c.istillaticn was too costly 

as a primary process but that it was feasible using high :performance 

cclurans for high D20 concentrations, e.g. 99 .8;; . A similar process 

for hydrogen distillation was also develo~ed,(ll9) taking 

advantage of the higte:r separation factcr fer H2/D2 , requiring fewer 

theoretical stages for a given se~aration. Besides the problems of 

working near absolute zero, the pr ocesses re~uired very p~re hydrogen 

(120) 
to prevent column blockages. 

Chemical exchange r eactions for hydrogen e.nci deuterilli!: 

were carried out over ce-:alysts(llS) or chemical ccr.::pounds, (i2i) 

however the processes were never extensively developed, si.::1ce , des;-i te 

the hiel: separation factor (3,87), the eqi..:ilibriUI:1 rate was slow. 

Electrolysis (us) was also develo:;:ed for l:.eavy water productior-. In 

the process, tl~e ratio of light hydrogen to 1:eavy hydro.;er. in the 

gas evolved at the cathode is higher than that in the electrolyte; 

thus, tte heavy hydrogen content of the electrolyte increases 

severalfold . Since deuterium would be lost in the hydrogen ges 

evolved from a cell containing; water rich i n tr..e hee.vy cot:ponent , 

libere.ted geses :,·e.:·e burned and the resultant product passed back 

into the systeo ate. suituble stage . Thi£ latte'!' operation for 

deuterium recovery has been the subject of many patents. (i22)(l23)(l24) 

The electrolytic process is expensive to 01H::rete i::: the i ni tie.l stages 

of concentration but is often used for the upgrading of an already 

concentrated stream. 
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}.nother impor tant source of heavy water has been from 

processes based upon deuterium enricMent by isotope exchange 

reaction. Early examples(125)(l26) were based upon the exchange 

reaction of several isotopic S?ecies in hydrogen and water vapour 

in the presence of a catalyst , such as pl ati noo or pall adium. The 

fi r st large scale production using t his isotopic e:;:cb:mge prii:.ciple 

1-1as at Trail in the U. S.A. in June 1943. The plant employed 

existi ng electrolytic hydrogen facilities to convert water froB tr.e 

exchange tower, to hydroeen ,to be scrubbed by the water cooing down 

(127) 
the tower. Other processes for concentr ati ng deuteriu.n: oxi de 

by isotope exchange between water and hydrogen sulphic.e :.n staged 

pairs of hot c.r.d cold isotope exchange towers, ta'le been descr ibed by 

?hayer. (128) Here t he pr ocess is based upon the equilibrium: -

HOT > 

COLD 

In the exchange process , water entering the systei:: flows downwards 

through the cold tower and then the hot tower, cov.ntercurrent to the 

hydrogen sul phi de streams . The water is proer essively enriched ir.. 

deuteriun es it passes through the co~d tcwe~ &nd procressively 

depleted in deuter ium as it passes t hr ough the hot tower. Since the 

converse is true with respect to the hydrogen sulphio.e stream, the 

gas and li;uic. streams between the towers are er.riched in the 

deuterium isotope. .f._ portion of the e:-..riched water is extr acted 

fron1 the water stre8.l!l as ?reduct, t he depleted water di::;:?osed of as 

waste , and the hydrogen sulphide stream continuously r ecycled as 

separati ng agent. 

Industrial installati ons using thiD type oi sys tem have 
(1~0) 

been described by oebbi ngton. ~✓ The Da_~a 2nd ~ava.nnah River 

( 1.-'0) 
Plants extract the Di from natural water using the G. S. Procees -

to a concentration cf 15- 20;: , frore there , by vacuum distillation to 
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90- 95% and by electrolysis to 99 .s,b. The basic element of the 

G. S. Pr ocess i s a pair of gas- liquid contacting towers , one at 

30°c (cold) and 120- 140°C (hot). Water passes down the cold tower 

and then through the hot tower countercurrent to H2s gas a t a 

pressure of 275 p. s.i. Many variations of t hese processes have 

been covered by patents. Other systems capable of under going t his 

isotofe exchange, e.g. a hydrogen/ammonia system have been revj_ewed 

by Barr. (l2?) 

Other techniques have also developed; Chopey(i3i ) used s.n 

electrolysis of natural water to give a stream of 0 ,15% ED which 

was subjected tc a two stage rectification process to yi elc 99-8% 

deuterium oxide. The recti fication steps used s pecially developed 

Kuhn columns for tt.e s eparation of components with close boiling 

points. Another method(i32 ) described t he contact i ng of steam with 

a stream of finely divided particles of a ~etal capable of r educi ng 

water under the reaction conditions prevailing. I nitial contacting 

0 at elevated temperatures 350-900 C e.nd super atmospheric ~r essures 

gave rise to a deuteriuo containing hydrogen stream and particles 

of n:.etal oxide. :2y furtr:er contacti ng at high pr es~ure but 

reduced temperature , 100°c, the deuteriun r eplaces a portion of the 

molecularly- bound hydrogen in the water and the deuter ium-containiLg 

hydro6en is simul taneousl y i mpoverished in deuteri um. 

With t he greater use of deuterium oxi de , a need has arisen 

for t r eati ng degraded heavy water, such that re- enrichment can be 

achieved econociically. The concentration requirements vary 1-1idely 

with the oper a ting conditions of t he r eactor so any r e- concentr ation 

appar atus mus t ensure eff icient r ecovery of the heav-J wat er , be cheap 

to operate and should easily r espond to changes i n the feed 

concentra tion. Los ses of heavy water and reduction in its concentration 

are unavoidable due to (a) leakage from the heavy water lcop , 

including punps ,and (b) los ses in the regenerati on and replacement 
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of ion-exchange resin i n the heavy water purification system. Two 

possible systems based upon electrolysis or rectification have been 

described, (133) the choice of process depending u~on the amount of 

degraded heavy water requiring treatment. Schotten (134) describes 

a re-concentration system for the Savannah Rive r Plant, based upon 

fractional distillation under vacuum , however the energy expenditure 

is very high. Typical degradation rates required an annual rework 

of about 0 . 05 kgs of n2o at a concentration of 84 wt.% per pound of 

system inventory. Of this total 0,02 kgs n
2
o at 91 wt·,% was 

generated as overheads from the reactor- integrated still and 0 , 03 kgs , 

at 71 wt .% from leaks, spills, drains, etc. Clearl y a system 

is required that can treat such waste streams as t hese to restore the 

heavy water to its working concentration of 99,5 wt .%. 

By utilising the difference in freezing point of water and 

heavy water , 3.s0c, it should be possible to separate the two 

components using multi- stage crystallisation, The success of such 

a system would depend upon there being sufficient t heoretical stages 

in a column to elevate the concentration of heavy water from 

approximately 80 wt .% to 99.5 wt .%. 
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(2.2) (d) i-/aste Effluent Recoverv 

A problem associ ated with technol ogical and i ndustrial 

ezpansion is the i ncreasi ng vol ume of effluent or pollutants 

requiring treatment. Consent s for discharge of wastes to s ewers 

ar e becoming more stri ngent and less easy to avoid. Industry i s 

bei ng for ced to pay, and pay heavily,for t he wastes it pr oduces. 

As dumpi ng costs rise it is economic sense for t he var ious 

industries t o treat t heir own effluents. Also it is a f act that 

t he supply of suitable waste dumps is not i nexhaustible and thus 

we are only postponing the day when we have to get to gri ps ·,nth 

the pol luti on probl em. Any process whi ch can be spplied to 

solve some of the pr oblems is worthy of ccnsideretion. 

The problerr. can be divided into t wo parts , t he mai n 

requirement can be for t he removal of a hi gh volume diluent , water , 

for recycl e and r~use,or t he production of a concentrated s treal!l 

from the waste effluents for pr ocessing or recovery. The vari ous 

methods f or achieving a reduction in t he toxic port ion of tte e:fluent 

can be summarised as : 

(a) Dilution 

(b) Destruction 

( c ) Recover y 

(a) Involves the loss of water and/ or chemics.l s wille (b) r equires 

t he addi tion of more chemicals . The conventional t echni ques b2sed 

on these approaches have been described by Besselievre . ( l ; 5) 

Typi cel intercept.on methods used were (a) f i ne screening , 

(b) solids- zepaxation by settlement with the possi bility of a 

precipitation s tage, (c) oxidation stage for stabilisation of or ga~ics , 

(d) polishing phase and ( e) solids disposal of t t.e accumul ated 

sludges. 11fnilst these methods are s till widel y used the complexity 

of the incortlng eff luent r.as i ncreased and of t en mor e sophi s ti cated 

techniques are required t o deal wi t h chew.ice.l s , toxi ns , etc. 
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There have been many different approaches to solving 

the various problems, many of these have come from systems 

developed in other fields . Typical exe.mples of these have been 

t he spin-off of various desalination techniques for the treatment of 

various waste water streams. In many i nstances the syste~s 

developed could not cope with the very high volumes required in 

desalination to put them in an economic operating bracket. Some 

of the systems described were pilot scale test units originally used 

for desalination. Campbell and Em:ner man(12) described such e project 

for the treatment of the rinse waters from a metal-finishing 

production line. The advantages they saw for using freezing were 

that as the water was rer.:.oved by freezing, the freezing point of 

the concentrate was only moderately lower than that of fresh water, 

thus one could achieve high volumes of water fer reuse. Also the 

concentrate streams were reduced in volwne anQ t heir .composition 

was u.nchariged,enabling them to be destroyec or recycled. 

The various process syste~s utilising freezing have teen 

described by Fraser and Johnson, (i36) they are based U!(X1 the Vacuum-

Freezing Vapour Compression, Secondary Refrigerant, Vacuum-Freezing 

TM 
Ejector Absorption and the Crystalex Process . The main 

applications identified have been for (a) paper ni lls , (b) metal 

finishing, (c) chemical wastes, (d) acid-rinse waters, (e) ta..-meries 

and textiles. The varicus processes have been used for 

(a) concentration for by- products r ecovery, (b) co~centration for 

reuse in the process, (c) concentration for disposal. A t ypica l 

mobile unit supplied by Colt Industries ~as able to produce 

100,000 G.P.D. of fresh water effluent of 50- 500 og/L T,D.s. from 

a feed of 5,000 - 40 ,000 :1g/L J: . D. S. (s2) The Colt lnd~stries 

process was based upon the Vacu.o-?reezing Vapour Coopression 

systera while a system based en Secondary Refrigerant was tested by 

V T£•i (137) A CO, th~t is, their Crystalex process . 
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The basic components of the s:.-stem were a direct- contact 

cz-ystalliser, surface- type uelter- condenser and a pressurised wash 

column. To demonstrate the applicability of the process to weste 

streams containing heavy metal salts, approximately 100 µg/ml of 

Calcium , Chromium, ifickel and Zi nc ions were added to a y;;; 

Sodium Chloride solution and used as a feed . Typical results 

obtained at throughputs of over 600 G.P.D. are displayed in Table( 2. 3) 

!-letal Feed Product P::-:rcentage 
mg/L mg/1 Removal 

Ca2+ 105 0.40 99 .62 

Cr6+ :, 110 0. 23 99.80 

1T• 2+ 
·, 1 105 0.44 99.55 

~- + ~a 11 , 800 47.00 99.60 

Zn2+ 100 0 .34 99.66 

TABLE ( 2. 3 ) 

All the ions were reduced in the s ame r atio regardless 

of initi al concentration and the total solids removal was better 

than 99. 55~ 

The other main area of process development has been the 

use of Reverse Osmosis techniques. These have f ound applications 

in various process industries, for exemple, the treatment of metal 

finishing wastes, ~~eese industries, paper e.nd pul p,and 

concentration of nuclear wastes. Their uses i n t hese various 

processes have been described by i•.cNul ty ~ 138 ) with particular 

emphasis on the use of membranes for t he treatment of very toxic 

effluents, for example, cyanide waste strea.n:s. 

The success of the va.xious free zi ng pr ocesses in the 

treatment of waste effluent strear.:s suge;ests ano ther useful 

application of Column Crystallisation. Thi s is pe.rticul.:ixly so ,.·hen 
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the volume of waste to be treated is not large and a high quality 

water effluent is required for reuse, or a concentrated waste 

effluent stream is required for further recovery of by-products. 
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CHAPTER '3 Theory: Mechanism of crystallisation 

(3.1) Supersaturation and metastability 

If a saturated solution is cooled then in the absence of 

solid phase, appreciable crystal nucleation begins only if a certain 

le~el . of supersaturation is exceeded. All the kinetic processes of 

crystallisation may be considered to be similar to those occurring 

during a chemical reaction. Their driving force is the 

supersaturation defined as the difference between the concentration 

of a supersaturated solution, C, and e solution just satu=ated , Cs, 

at the same temperature. A supersaturated solution is a 

requirement for crystallisation to take place. Early work on the 

stability of supersaturated solutions has been reviewed by 

Van Hook, (i39) with note to the ,-,ork of Ostwald on "supersolubility " 

and his introduction of the terms metsstable and labile, wr-ich axe 

best illustrated g-raphically. 

Concentration 
(c) 

Labile zone 

C 

/ 
/ 

I 
I 

I 
I 

I 

J 
/ 

1 
/a 

Stable zone 

1 

Temperature ( t) 

(FIG. 3.1) 

Concentration - temperature relation for saturated solutions 
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Labile zone 

1 
a - a 

1 
C - C 

Metastable zone 

Stable zone 

spontaneous crystallisation 

supersolubility curve (metastability limit) 

normal solubility curve 

supersaturated zone between two curves where 

spontaneous crystallisation is impossible, 

requires initiation 

wisaturated zone, crystallisat ion is impossible 

In contrast to the solubility curve, the supersolubility 

curve does not depend just on the temperature and composition of 

the solution. This is because the onset of spontaneous 

crystallisation depends on time, other conditions being equal. The 

formation of nuclei in a solution is facilitated by the pr esence of 

a large amount of dissolved matter, high concentration and a low 

temperature. Consequently the position of the metastability limit 

varies not only with the concentration and temperature but also with 

the mass of the solution. Also most agitated solutions nucleate 

spontaneously at lower degrees of supercooling than do quiescent ones, 

that is, the supersolubility curve tends to approach more closely 

the solubility curve in agitated solutions, and the width of the 

metastable zone is reduced. Similarly excessive cooling does not 

aid nucleation, there is an optimum temperature r equired beyond 

which viscosity effects may reduce nucleation drastically, for 

example, reducing the temperature causing the solution to set to a 

glass. 
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(3. 2) Nucleation 

The various methods of nucleation have been represented by 

Mullin ( 140) thus: 

Nucleation 

/ --------------- Secondary (induced by crystals, etc . ) 

Primary 

Homogeneo~ ~Heterogeneous 
(spontaneous) 

(induced by foreign particles) 

FIG.(3. 2) Modes of Nucleation 

The term "pr imary" is for all cases of nucleation 

homogeneous or heterogeneous in systems that do not contain 

crystalline matter. On the other hand, nuclei generated in the 

vicinity of crystals present in a supersaturated system corresponds 

to "secondary" nucleation, this is the case normally encount ered in most 

crystallisers where the crystal nuclei are formed in a suspension of 

crystals . It is most likely that all these types of nucleation 

proceed simultaneously in an industrial crystalliser but it may be 

presumed that secondary nucleation will be largely prevailing, while 

the homogeneous nucleation mechanism will be of very little or no 

importance . 

(3 . 2) (a) Formation of nuclei in a perfectly clean solution 

A perfectly clean solution is defined as a sol u tion 

which is free of solid nuclei of the solute and of solid- particle 

impurities of any other substance (only r eal solutions approach 

this perfect case) . The formation, spontaneously, of nuclei , in 

such solutions has been questioned on many occasions . These doubts 

are due to the fact that t here is a defini t e correlation between the 

appearance of crystallisation centres and the presence of various 

types of impurities ; also it has been found that supersaturated 

solutions can be stored for a long time wi thout any visible changes; 
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moreover, some substances cannot be crystallised at all from "pure" 

solutions. 

The nature of nuclei formed in perfectly clean solution,and 

the mechanism of nucleation in such a solution have not yet been 

determined. Mullin( 14o) has this to say about the formation of 

nuclei: "Most probably , the mechanism of nucleation is as follows. 

Minute structures are formed, first from the collision of two 

molecules, then from that of a third witn the pair and so on. 

Short chains may be formed initially, or flat mono-layers, and 

eventually the lattice struc ture is built up. " ':/hilst this is a 

simplified approach, it describe, the nucleation mechanism well. 

The construction process , which occurs very rapidly, can only continue 

in local r egions of high supersaturation and many of the "sub-nuclei" 

redissolve because they are ext r emely unstable . If a nucleus 

g rows beyond a critical size, it becomes stable under the average 

conditions of supersaturation obtained in the bulk of the fluid. 

This concept of critical size has been developed from the 

chemical theory of nucleation, stemming from the work of Gibbs et al . ( 141 ) 

The formation of a liquid dr oplet or sol id particle within a 

homogeneous fluid demands the expenditure of a certain quantity of 

energy in the cr eation of the liquid or solid surface . Therefore the 

tota l quantity of work , w. required to fonn a - stable crystal nucleus 

is equal to the sum of the work required to form the surface Ws 

positive quantity), and the work required to fo:rm the bulk of the 

particle, Wv (a negative quantity) . 

W = Ws + Wv ( 3. , ) 

When considered in terms of the modified Gibbs- Thompson 

equation for the vapour pressure of a liquid drop, one can obtain 

a measure of the work of nucleation, W, in terms of t he degree of 
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t t . ( 139) th t . supersa ura ion, a is: 

w = 
16 TT O 3 H

2 

3(RTplnS)2 

cr= surface energy of droplet per unit area 

M = Molecular weight 

p = density of droplet 

T = absolute temperature 

R = gas constant 

S = supersaturation 

(3.2) 

This equation tells us when the system is only just 

saturated, S = 1 ln.S = O, the amount of energy for nucleation is 

infinite, that is, a saturated solution cannot nucleate 

spontaneously; but if sufficient energy is injected,spontaneous 

nucleation is theoretically possible at any degree of super-

saturation. 

The free energy changes associated with the process of 

homogeneous nucleation have been explained by Mullin<14o) et al with 

the following equation: 

16TTcr3 

3( llG )2 
V 

= 

• 2 
4TT cr r 

C 

3 

- 2 (J 
since r 

C 
= --

llGv 

llGv = excess free energy between a very large particle (r =QO) and 

the solute in solution. 

r = critical nucleus 
C 
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Graphically: 

+ ve 

Free 
energy 

AG 

- ve 

Size of nucleus 

FIG.(3.3) 

-.-
6. G • t cr1.. 

4 2 = -rrr cr 3 C 

Free energy diagram for nucleation, explaining the existence of a 
"critical" nucleus 

The graph indicates the behaviour of a newly created 

crystalline lattice structure in a supersaturated solution with its 

size. The critiaal sizer represents the minimum size of a stabl e 
C 

nucleus, whichever course it then follows must result i n a 

reduction of the free energy. 

(3.2) (b) Influence of impurities on the formation of nucleh 

Heterogeneous and Secondary nucleation 

The formation of nuclei under real conditions usuall y 

talces place in heterogeneous systems, ~hich are supersaturated 

solutions containing various solid particles. In heterogeneous 

solutions the mechanism varies from one case to a nother, dependi ng on 

the amount and nature of solid impurities present i n such solut i ons. 

The various theories for the mechanism have been discussed by 

Nyvlt,< 13)( 142) dividing secondary nucleation into two groups: 

(1) nucleation due to abrasion 

(2) nucleation due to boundary layer 

Khamskii( 143 ) distinguishes between other crystallising 

centres, for exampl e, seeds, particles of substances i somorphous 
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with the crystallising substance and forming solid solutions with 

it,particles forming regular intergrowths, particles of substance 

which absorb molecules of the crystallising substance. The formation 

of nuclei in the presence of various solid particles and solid 

surfaces is easier,since the change in the free energy necessary for 

the formation of a new phase in heterogeneous systems is smaller 

than in the formation of nuclei in homogeneous solutions, that is: 

/ 

/ 
ll.G crit = ¢ bG ·t cr1 

(3.4) 

bG crit = heterogeneous conditions 

,t, = less than unity 

One of the important factors for controlling the nucleation process 

is the interfacial energy, o, which for a t wo solids and liquid 

system can be represented as follows: 

0 cl 

Crystalline 
Deposit (c) 

Liquid (L) 

Solid Sur face (s) 
FIG.(3.4) 

Interfacial Energy relationship 

0 sl 

0
cl = solid crytalline phase c, and liquid 1, 0 s1 = foreign solid 

surfaces and liquid 1 , cr = solid crystalline phase and foreign solid cs 

surface. 

or 

Resolving these forces in a horizontal direction 

= cr cs + 

cos 6 = 0 sl 

0 cl 

0 cs 

cos a 

8 = angle of contact between crystalline deposit and 

foreign solid 
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The factor cpin equation can be expressed as 
( 140) 

<p = ( 2 + COS 0 ) ( 1 - COS 8 ) 2 (3.7) 

Thus when 9 = 180° t cos 8 = -1 and¢= 1 

(a) AG' crit = AG crit (3.8) 

when a lies between O and 180° 8<1; therefore 

(b) liG' crit < liG crit (3.9) 

when e = o, ¢= 0 

(c) AG' 
crit = 0 (3.10) 

For case (a) the overall free energy of nucleation i s the same as 

that required for homogeneous nucleation (i.e. spontaneous). For 

case (b) nucleation is easier to achieve because the overall excess 

free energy required is less than that for homogeneous nucleation, 

and l astly,in case (c), the free energy of nucleation is zero, which 

corresponds to the seeding of a supersaturated solution with crystals 

of the solute. The relationship between the ratio of free energies 

of homogeneous and heterogeneous nucleation as a function of the 

contact angle can be represented graphicall y. 

1.0 

/ 

6G ·t "'= cr1 r AG 0.5 
L.l • t cri 

0 90 

Contact ang l e e 
FIG. (3.5) 

Ratio of free energies of homogeneous and heterogeneous nucleation 

as a function of the contact angle. 
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(3.2) (c) Nucleation Rate 

The rate of nucleation Jt e.go the number of nuclei formed 

per unit time per unit volume, can be expressed in the form of the 

Axrhenius reaction equation. 

J = A exp(- llG/kT) ( 3.11,) k = Boltzmann conste.nt 

For the nucleation of water droplets from supersaturated water vapour , 

the factor A has been estimated es 1025 ; giving the rate of 

nucleation J as the number of nuclei per second per cm3. 

(3.1] may be evaluated using the Gibbs- Thompson relationshi~ and 
* 

equation(3. 3) (lnS = :i;;> to give: 

( 16rrcr3v 2 ) 
J = A exp~ 

- 3k3T3(lnS) 2~ 
( 3.12) 

where cr·= surface energy per unit area (interfacial tension) 

V = molecular volume 

S = Supersaturation 

T = absolute tei:1per atuxe 

This equation indicates that three main variables govcrr. the r a te 

of nucleation: teoperature T; degree of supersaturation S; 

interfacial tension cr o These effects have been r epre3ented by 

Nyvlt(i3) for crystallisation curied out in the metastable zone; 

J nucleation rate 

Crystal growth rate 

mean crystal size 

S supersatur ation 

( FIG . 3. 6 ) 
2ffect of increasing supersatur&tion on nucleation and cryst~l growth 
rates. 
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When e certain level of supersaturetion is reached, that is, on the 

boundary of the metastable zone , the nucleation rate increases 

repidly and consequently the average size of tLe cryst~ls formed r, 

diminishes strongly. 

The lack of success of this rate equation, for homogeneous 

nucleation to explain the behaviour in act~al crysttllisers, where 

the nucleation is heterogeneous or secondary, has proffipted workers 

to examine empirical relationships to ex?ress the kinetics of 

nucleation. The power- law dependence of nucleation r ate J , on 

supersaturation , has become a commonly used relationship, viz: 

(3,13) 

K
0 

= nucleation r ate constant 

m = ' order ' of the nucleation process 

max = maximum allowable supersaturation 

The validity of t he equation h.'.ls been de:c::onstrated by 

'Nielsen, (i44) since it can be deri ved from the classical nucleati on 

relationship, equa tion(3,12) 

J = A exy ( - B (ins) -2 ) ( 3 . 14) 

The nucleation rate may be expressed in ter~s of tr.e rate 

at which supersaturation is created by cooling. 

J = q,b (3.15) b= -g,JL: ( tei.;.per ature change) 
dt 

b = r ate of creation of supersaturation 

q_ = mass of solid deposited per unit mass of free solvent :;:resent 

when the solution is cooled by 1°c. 

q is a function of the concentr ation change of tte crys t~llisine spec~es. 

q = E ~* 
d0 

where E = R/(1- c(R- l)) 

(3.16) 

R = r atio of :nolecular weights of tydrate:anhydrous salt 

c = solution concentration expressed as mass of anhydro~s salt per 

unit wa.nufactured solvent. 
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The maximum allowable supersaturation, AC , may be 
max 

expressed in terms of the maximum allowable undercooling, ~e max. 
69 max (3. 17) 

Equation 13 can now be re~ritten as 
m 

E ~~•~b = K [ifn Mmax] (3. 18) n 

which on taking logari thms 

log b = (m- 1) log ~~~•~- log E + log Kn+ m log .ll8 (3.19 ) max 

1-nd1eating that the dependence of log b on log A e is linear, 
max 

and the slope of the line is the "order11 of the nucleation process m. 

The assumption made here is that the size of stable nuclei, the 

nucleation rate constant and the order of nucleation are 

independent of the process conditions. Nyvlt( 13)(142) has 

described an apparatus and experimental technique to determine t he 

relat i on between log band log 6C ; however, work is still max 

progressing on the interpretation of these experimentally determined 

quantities. <145 ) An area of active research has been in the field 

of nucleation and gr owth of ice crystals in secondary ref rigera nt 

freezing processes. Orcutt( 1
0 5) has carried out i nvestigations of 

these processes and has developed a model which gives a realistic, 

sudden increase in the nucleation rate at an appropriate temperature, 

viz: 

B 
0 = 

n = 

= 

= 

X = s 

Number of nuclei formed 

unlt time - unit surface area 

nucleation rate constant 

constant 

(32- 104 X -T )°F 
s s 

temperature of the bulk brine 

= Bo ( 6 Ts)n 

concentr ation salt , weight fraction T.D. S. 
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Making n > 1 gives a rate which increases rapidly as !:i T increases. 
s 

Similar relationships were also found · by Wey and Estrin,< 146) who 

found that the crystallisation characteristics of ice crystals from 

a 3% brine solution could be modelled from moments of the density 

function from data obtained from crystal size distribution 

measurements. They found that within the range of operating 

conditions, the nucleation rate could be correlated by a power law 

model: 

Bo=¾· ( /:i c• 11 .8. µ 20.2 (3.21) 

~ = 26.2 (P/v)
0

•52 <¾=Ko (P/V)n) 

B0 = nucleation rate n°/sec/cc 

~K0 • proportionality constants in secondary nucleation expression 

P/V = Power dissipation per unit volume ergs/sec/cc 

overall supersaturation g/cc 

J th moment of distribution function n 

( µj = J~ n Lj dL) n°/ cmj/cc 
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-( 3. 3) Crystal Growth: ~echanism and ,ra te 

The growth of cry2tala is governed by at least two 

processes: 

(a) The diffusion of particles to the surface of a grow~ng cryste.l.. 

(b) Their incorporation in the structure of the crystal l attice by 

(i) ausorption of a particle by the surface 

(ii) migration along the surface 

(iii) final incorporation in the lattice. 

The rate of crystal growth is influenced by the same factors as the 

nucleation process: temperature, rate of stirring, presence of 

impurities, degree of supersaturation, viscosity, etc. 

The growth of a crystal can be represented by the tice 

dependence of t he linear dimensions, the surface, the volume or the 

mass of a crystal. The most common term is the linear groKth rate, 

which is understood to mean the r ate of displacement of a fe.ce at 

ribht angles to its plane, the r ate of motion of a face of a crystal 

parallel to itself. 

a. 

Ab b 

Aa,b,c, ---- linear growth rate functions 

( FIG . 3. 7 ) 

Schematic representation of growing crystal s which retain theix shape 
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a 

b 

( FIG. 3.8 ) 

Schematic representation of a. growing crystal which changes its shape 

The difference between the linear rates of growth of individual 

crystal faces may alter its habit because of t he increases of the 

size of some f a ces and the disappearance of others. Usually, those 

faces disappear which have the hi5hest linear grcwth rates. 

slowest 

The kinetics of crystallisation will be detern:.ined by the 

of the interdependent processes (a) and (b). Nyvlt(i3) has 

examined the various mechanisms and given exare:ples where the 

process in unstirred solutions is diffusion controlled, and Hhere 

there is sufficient mass transfer, the reaction kinetics are 

controlled by incor?oration of ions or molecules into the crystal 

lattice. However cases have arisen where even with stirring, 

diffusion is still t te li~iting factor,e.nd turbulance , developi ng 

at the phase boundary during crystal gro~tr., has pr oviced sufficient 

mass transfer in the unstirred solution. Nyvlt suggests that by 

comparing the activation energy of the process with that of 

diffusion, the effects of ad~ix~...tres, s tir~ing and the kinetics of 

dissolution and crystallisation, one will be able to ascertain which 

step determines the crystallisation kinetics. 

Several theories of crystal growth have been advanced, 

Nyvlt haa concluded tr.at most are not suited to the practical 
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crystallisation situation, and concludes that it is relevant only 

to represent the most probable growth rate of the crys tals by t he 

simpl est possible r elations. 

as follows: 

(a) Surface Energy 

(b) A.dsorption Layer 

( c) Kinematic 

(d) Diffusion 

The various t heories can be divided 

It is the latter , Diffusion process, which Nyvlt considers the most 

applicable to practical use. Toe various other raechanisms have been 

extensively described by Mullin,Ci4o) Stricklanc..-Constc.ble ,(l4?) 

Kh sk
.. (143) 

am 1.1. 

The basis of the diffusion theor;f i s that the deposition 

of solid on the face of a growing crystal ic a di:'fusional process . 

It was also assumed that crystallisation was the reverse of 

dissolution and that t he r ates of both processes were governed by 

the difference between concentration at the solid surface and i n the 

bulk of t he solution. 

b e represented thus: 

The various concentraticr. driving forces can 

Crystal 

Adsorption Layer 

:t 
I 
I 
I 
I 
I 

Driving Force for diffusion 

1 t I - - -- - ---,- -------- Concentration 

t 

: t 
I 
I 
I 
I 
I 

Driving force for reactio n 

-i 
C __ ___ _ _ _ .._ ________ ~ s 

Stagnant Film I B..llk of Sol ution 

CrystalsSolution interface 

( FIG. 3. 9) 
Concentration Driving Forces near t he crystal surface 
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It should be noted that the driving forces will rarely be 

of equal magnitude, and the concentration drop across the stagnant 

film is not necessarily linear. The solution concentration close 

to the crystal surface is controlled by a dynamic balance between 

diffusion-controlled mass transfer, for example. 

rate is = DA 
0 

(3.22) 

Ck= solute concentration in the solution at the Crystal:Solute 
interface 

A and o = area and thickness of the absorbed layer 

D = Diffusion coefficient 

and the rate of reaction when the solute molecules arrange themselves 

into the crystal lattice, for example, 

rate is dG
1 

= 
cTT 

k' = rate constant 

In order to eliminate the difficulties involved in 

measuring interfacial concentration, an "over-all" concentration 

driving force (C-C ) is used, since at steady state the uptake of 
s 

particles and their removal by diffusion balance, that is, equation (3.22) 

and(3.23)can be modified thus, 

dG = 
dT 

0 ) n 

DA) 
(3.24) 

n = order 

If the value of DA/6 is relatively large, the last term can be 

neglected in equation(3.24iThis corresponds to the crystal 

growth being controlled by the kinetics of particle uptake by the 

lattice, that is, 

dG = 
dT 

(3.25) 

For cases of extremely rapid surface reaction, that is, large values 

of k' , the latter term on the right hand side of(3.24)must tend to 

zero, and the crystallisation process is diffusion- t ontrolled. 

dG = DA 
dT 0 

(C-C ) 
s 

(3.26) 
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If the surface reaction is determined by 1st order kinetics , then 

n = 1 and equation(3.24)becomes: 

dG 
dT 

= ( 0 + .! ) - 1 
( D k') A (C-C ) 

s 
(3.27) 

k
2 

= crystallisation rate constant for 1st order reaction. 

or dG = 
TI 

P = Supersaturation 

The validity of this assumption is questionable as many · 

inorganic salts crystallising from aqueous solution give an overall 

growth rate or der , n, in the range 1.5 - 2. Mullin< 14o) has 

extended the rate equation to take account of a non-linear 

dependency of surface integration on concentration driving force. 

The r esulting equati,on is complex and can only be solved explicitly 

for simple cases, the relationship between the various coefficients, 

DA/o and k' , and k2 not being clearly defined. In practice it has 

been found that the crystallisation rate can be represented by the 

empirical relation 

dG/dT = (3.28) 

over a limited concentration range. The value of n may be equal 

to unity, but may also assume other , larger values. Experimental 

investigations have given rise to relationships of this form e . g. 

when Umana and Kawasaki( 1
0
4) studied the nucleation and growth of 

ice crystals in sea water. They found that the quantity of ice 

produced, x g/min , during the period of rapid rise in temperature 

after nucleat ion had the following relationship: 

dx = 21 . s. 9 2 

s = 

8 = 

dt 

surface area crystal (cm2) 

degree of supercooling ( 0 c) 

(3.29) 

That is to say, the rate of precipitation of ice crystals 

immediately after nucleation ,is proportional to the square of the 
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degree of supercooling. Also, when the nucleation was completed 

and nuclei were growing into grains, the relationship between the 

degree of supercooling and the rate of growth was: 

dx = 5.75 X 10-3 S 9 
dt 

(3. 30) 

showing first order dependence, with the value of k2 (equation 3.28) 

3 0 -1 2 for the rate constant being 5.75 x 10- C cm 

(3.3) (a) Factors influencing the rate of crystal growth 

It has been observed that growth rates increase when a 

solution is being stirred. This can be explained as stirring allows 

the crystals to be contacted by fresh supersaturated solution at the 

same time decreasing the thickness of the adsorption layer. 

Increased stirring does not produce larger crystals since one promotes 

the foriretion of nuclei and one has to use an optimum stirring rate 

to produce large crystals. Aggregation of crystals is also reduced 

by agitation. The topic has been the subject of many investigations 

to determine the precise effects taking place in a crystalliser. 

Generally one can show from the Diffusion theory (Equation 3.27), that: 

= 
b + (D/k) 

D (3.31 ) 

In a solution that is highly agitated 8 (( D/k, so that 

measurements of k2 and extrapolating to infinite stirring rates 

facilitate the determination of k. If the value of the diffusion 

coefficient is known, one can then determine the dependence of the 

thickness of the diffusion layer on the agitation intensity. 

An increase in temperature generally leads to an increase 

in crystallisation rate, however nucleation rate increases more 

rapidly with increasing temperature than the growth rate. The 

temperature and viscosity effects on growth are related; uniformity 

and size of crystals is best achieved in low suspension viscosities. 

The relative supersaturation has no direct effect on the crystallisation 

constant, whereas at very high values the instances of lattice defects 
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increase which accelerates the crystallisation process,as these 

imperfect crystals grow faster than the more perfect ones. 

The addition of soluble admixtures has a deleterious 

effect on the crystallisation rate. This could arise from the fact 

that these absorbed particles must be displaced by the crystallising 

substance,or the work required to locate the crystallising substance 

in the lattice is greater due to the presence of these particles. 

Lastly the effects of pressure on the crystallisation rate are 

very small. This can be explained by considering the 

insensitivity of the mean intermolecular spacings in solution to 

pressure increases. 

The whole process is very complex and for an ionising 

1 t t 11 • • f 1 t · M 11· <14o) h sou e crys a 1s1ng rom aqueous sou ion, u 1n as 

postulated the following: 

(1) Bulk diffusion of solvated ions through the diffusion boundary 

layer 

(2) Bulk diffusion of solvated ions through the adsorption layer 

(3) Surface diffusion of solvated or unsolvated ions 

(4) Partial or total desolution of ions 

(5) Integration of ions into lattice 

(6) Counter-diffusion of released water through adsorption layer 

(7) Counter-diffusion of water through boundary layer. 

Which step dominates is difficult to elucidate and 

presently no theory fully explains all the observable phenomen a. 
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(3.4) Influence of Impurities on the Crystallisation Kinetics/ 

Crystal quality 

The presence of certain impurities, often very small 

traces,can have profound effect on the crystallisation process. 

For instance, nucleation may be retarded or crystal growth suppressed 

entirely. Savanoe< 14
B) has examined the various mechanisms by 

which impurity can result in the crystals. The first and most 

important are the impurities arising from adhering mother liquor. 

Traditionally a centrifuge or filter has been used to reduce the 

amount of mother liquor adhering to the crystal surface . The 

efficiency of the separation process depends to a large extent on the 

uniformity of the crystals and the relative amount of crystal 

surface per unit weight of crystalline material. It has been 

estimated<14
B) that for a system where the mother liquor contains 

water (as a solute) and impurity in the ratio of 15 to 1, by reducing 

the moisture content from adhering mother liquor after the 

centrifuge to 1%, the percentage of impurity from adhering mother 

liquor will be reduced to 1/15th of 1% or approximately 0.07%. 

Further improvement can be realised by removal of surface impurities 

with a solvent wash. 

Recent work by Nakai and Miyake( 149) on the benzenE'/cyclo

hexane eutectic system have confirmed these observations. Using a 

cooling-batch-type crystalliser to produce benzene crystals, the 

cyclohexane impurity in scale and bulk crystals was measured. From 

their experiments they concluded that the impurity in the bulk crystals , 

such as agglomerates, is higher due to the inclusion of mother liquor, 

than that of scale crystals,having a plate-like, rigid form. Also 

they found that washing both types of crystals with liquid benzene 

markedly elevated the purity of the crystals. Wells et a1( 53) 

adopted a heuristic approach to assist process selection of unit 

stages in producing organic chemicals by crystallisa tion. They were 
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particularly concerned with improving performance with respect to 

removal of adhering mother liquor from the crystal slurry. They 

examined the use of centrifuges and filters in conjunction with 

various wash procedures. Of particular interest was the 

investigation of the operation of a Schildknecht Column for the 

purification of benzene from a benzene/cyclohexane mixture. The 

amount of impurity associated with the solid phase X was approximated 

by the linear functian 

X = 0.0004 Ym (3.32) Ym = mother liquor composition 
(mole fBaction) 

Furthermore they were able to mow that for a particular column 

length a lower limit of product puFity was achived for a given 

mother liquor composition. This they were able to demonstrate by 

centrifuging the product from the column and then washing the 

crystals in the centrifuge by partial melting of the crystals. The 

initial centrifuging operation reduced by at least a factor of ten 

the impurity associated wllh the crystals whil e the latter stage 

showed only a marginal improvement. This prompted them to suggest 

the integration of multi-stage and single stage units as economic, 

particularly with the Schildknecht Column. This would enable the 

size of the column to be reduced whilst maintaining a high purity 

product by incorporating a centrifuge in the process. 

Secondly, impurity can become attached to the crystal by 

adsorption. Garrett( 150) has examined this particular phenomenon 

with particular reference to the use of various compounds as habit 

modifiers in industrial crystallisation processes. There is as yet 

no generally accepted theory to explain the mode of action of habit 

modifying impurities, but it is clear that different impurities can 

act in different ways. In his observations, Garrett has noted the 

many varied modes ofadsorption taking place and their effects on 

the crystal growth. Since there is a dynamic equilibrium between 
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the crystal surface and the solution for both the impurity and the 

crystallising solid, the impurity is not necessarily fixed once it 

has joined the crystal surface. It may effectively block further 

growth for a time, but eventually may be desorbed and replaced by 

the parent solid, that is, growth is only retarded. 

In some cases adsorption is sufficient to block the growth 

completely, of one face, and as a result modification of the crystal 

occurs. In some instances the amount of material adsorbed may be 

too small to be noticed but where the crystallisation rate is such 

that complete overgrowth can occur, then significant amounts of the 

impurity will be retained. Conversely impurities with only a small 

fraction of their bulk contributing to the absorbing charge would be 

expected to be susceptable to desorption, other things being equal. 

Likewise impurities with weaker charges would again undergo 

desorption and in these cases high concentrations of materials are 

required to produce significant modification. 

Thirdly, impurity can be introduced by inclusion of mother 

liquor in the growing crystal. The lower the supersaturation, the 

more regularly do crystals grow. Higher ranges of supersaturation 

induce flawed growth and allow mother liquor to be included between 

layers of crystallites, as well as between crystal aggregates. 

Mullin<14
o) describes an interesting phenomenon, usually associated 

with crystallisation from the melt, but also readily observable in 

crystallisation from solution. When a crystal grows in an impure 

system, impurity is rejected at the solid-liquid interface. If the 

impurity cannot diffuse away fast enough it will concentrate near the 

crystal face and decrease the equilibrium melting point. Thus the 

supercooling is reduced and the gr owth r ate is retarded. The 

equilibrium saturation concentration of the bulk solution will be 

lower than that at the interface, so the temperature driving force 

increases over a short distance from the crystal face towards the 
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bulk solution. 

This 'constitutional supercooling' causes interfacial 

instability, the growing interface breaking up into thin fingers 

which allows the heat of crystallisation to be dissipated. The 

regions between the projections entrap impure solution and a 

succession of inclusions may be left behind. With high 

constitutional supercooling (high level of impurity) dendritic 

branching generally occurs,giving rise to problems during the 

subsequent solid-liquid separation and drying operations. 
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(3.5) Crystal impurities arising during the freezing of a eutectic 

system in a continuous column crystalliser 

Many classes of liquid/solid binary systems exist. However 

the systems of industrial importance are ~sually eutectic or solid

solution forming. Most organic binary mixtures are eutectic-

forming, as in the case of benzene/cyclohexane and it is possible to , 

obtain pure crystals in a single theoretical stage, except at the 

eutectic point. The various phase relationships can be explained as 

follows. If a liquid mixture of two similar components A and Bis 

cooled, solid will commence to separate at a definite temperature, 

namely the freezing point. The actual value will depend on the rat io 

of A:B and if one plots a series of compositions varying from pure A 

to pure B, the corresponding curves are obtained: 

Temperature 

A 

0 

Solid A 

+ Liquid 

llquid 

Eutectic Point 

Solid A + Solid B 

Solid B + Liquid 

Mole or Weight % B 

F-IG. (3.10) 

Phase diagram for a simple binary system 
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The points A and Bare the freezing points of the pure 

components. The addition of B to A lowers the freezing point along 

AC and for A added to B 10wers the freezing point of the latter 

along BC. If the freezing point and composition of a given mixture 

are such as to fall on the curve AC, the solid which separates is 

pure A and similarly for the curve BC. At the point C where the 

curves AC and BC meet, the eutectic, both solids A and Bare in 

equilibrium with the liquad phase. In column crystallisation, 

separations are not carried out in the eutectic region. It is 

stressed that this representation is an idealised description and 

often the accuracy of literature versions of both types of phase 

diagram is questionable. Since a pure phase cannot exist in 

equilibrium with an impure one, from thermodynamic considerations 

Cutts and Wells(151 ) allowed for this deviation from ideality by 

modifying the phase diagram, for the benzene/cyclohexane system, such 

that the solidus was at a fine angle to the temperature axis r ather 

than on the axis itself. This position of the solidus affects the 

purity of the crystals and thus the possible extent of separation in 

column crystallisation. Cutts and Wells found that for solid 

solutions the phase diagrams predicted separations that were greater 

or lower than those they obtained. 

In column crystallisation the sources of impurity can come 

from the mode of operation of the equipment. The crystals are 

moving countercurrent to the reflux liquid, but because of drag 

effects a small portion of liquid rises with the crystals. This 

stream is called the adhering liquid and contains a relatively high 

level of impurity rejected from the crystal phase. It is continually 

contacted with a countercurrent stream of liquid of lower impurity 

content. Thus there is a driving force to reduce the concentration 

imbalances and the impure crystals are being 'washed' free of this 
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adhering impurity. This continual washing establishes an axial 

composition gradient in the column and the axial dispersion in the 

reflux liquid acts to oppose the separation. It is also possible for 

impurities to be associated with the crystals. This can be caused 

by either volumetric liquid inclusions or by the trapping of impurities 

on the irregular surface of the crystals. It is doubtful if the 

washing process is able to remove any of this impurity associated 

with the crystal phase. 

In the case where there is solid-solubility then impurity 

removal is dependent upon the temperature gradient in the column. 

Impure crystals become unstable at higher temperatures in the 

purification section and undergo partial or total melting. 

Simultaneously the reflux liquid undergoes partial freezing. Thus 

by this continual melting and refreezing a composition gradient is 

established. 

Early investigation of column crystallisers did not include 

all the possible sources of impurity in their models. Powers (152) 

proposed a model where the purification of a system, with negligible 

solid solubility, was limited by axial dispersion and washing of the 

adhering liquid associated with the crystals. When Albertins<39 ) 

investigated the benzene/cyclohexane system, he found that it was 

necessary to include the impurity associated with the crystal phase to 

explain his experimental concentration profiles. He neglected the 

washing of the adhering liquid and concluded that the separation 

was limited by the axial dispersion and the impurity associated with 

(42) . 
the crystals. Gates who extended this study found that by 

including all modes of impurity transfer/removal, the experimental data 

gave a more consistent fit to the model. The final investigations 

were carried out by Henry,< 43 ) who, using the same binary system 

as above, operated the colwnn crystalliser in a continuous mode, as 

opposed to the Total Reflux investigations of the previous workers. 
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Henry developed a model which included the transfer of 

impurity by axial dispersion, washing of impurity from the adhering 

liquid, and the impurity associated with the crystal phase when the 

column operated with continuous product removal. In cases where 

the washing was complete, that is, most of the crystal phase was 

returned to the column as reflux, a region of constant impurity 

composition develops in the portion of the purification section near 

the melting section. This occurs when the reflux, or free-liquid, 

composition approaches that of the crystal phase impurity composition, 

(. For the benzene/cyclohexane system, Henry found that this 

crystal phase impurity composition was related to the mother liquor 

composition of the freezing section. For a perfectly mixed freezing 

section this is equal to the bottom composition Y, that is: 
s 

( = 1.42 x 10-3 (Y) (43) 
s 

Impurities are concentrated in the freezing section to a 

higher degree with total reflux than with continuous flow operation. 

Consequently£ is higher for total reflux than for continuous flow 

operations. The implications are that purer material can be obtained 

with continuous flow than with total reflux operation for smal l 

values of product removal: crystal production rate. The £(Y ) 
s 

dependence provides a constraint on the maximum product purity that 

can be attained for a single pass for a given feed composition. When 

the freezing section (c.f. stripping section in Henry's model) is 

flushed, that is, bottom product removal (L
8

) ~ feed rate (F) 

~ 1, the composition approaches a minimum value equal to the feed 

composition. Consequently, the minimum value of the crystal phase 

composition is proportional to the feed composition (YF)' 

~ = 1. 42 x 10-3 (YF) (4~) c:,;min _,, 
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The washing which occurs in the purification section does 

not affect the crystal phase composition, for systems of limited solid 

solubility. Therefore, multiple- stage or cascade operation must be 

employed to achieve a product composition less than_€min• As 

reported previously, this was confirmed by Wells et alc53) who 

by centrifuging their product from the column were able to reduce 

the impurity significantly. Henry also found that there was a lower 

limit of product offtake (½;) : crystal rate (C) below which no 

further purification was achieved. Thus for maximum purity the ratio 

of (½;)/(C) should be chosen such that the impurity content of the 

product (YE) is just equal to the crystal phase impurity. 
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(3.6) Mathematical Mode l of a Column Crystalliser 

The model for systems of limited solid solubility includes 

the -effect of axial diffusion of impuiity,induced by the rotating 

and osci l lating conveyor,and the mass transfer between the adhering 

and free liquids. The crystal phase composition is considered to 

be a constant in the purification section. This accounts for any 

inclusion phenomena that may occur during the freezing process. 

The column is operated with countercurrent flow, that is,~ portion of 

the crystals ar e melted and the liquid generated in the melting section 

is used to wash the adhering l iquid. The various flow streams are 

represented schematically in the column as follows: 

Mother Liquor Ls, Y 5 

coolant IN t. 
Freezing 
Section 

coolant OUT +- l 
Feed Point 

F, YF 

L1 ,Y' l 
Purification 
Section 

hot water IN -+ 
hot water OUT +-

C,£ l t L,Y 

Melting 
Section 

Product stream LE, YE 

FIG. (3.11) 

Schematic representation of a column crystalli ser 
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These can also be considered if one takes a differential 

element of the purification section, the phase flows in the purification 

section for a eutectic binary are : 

L,Y r L' ,Y' C ,£ 

t ! ! 
. I I z 

Reflux ~ MK . 
Pd.hering I Crystal 

Liquid Liquilll. I . 
I I 

I Z + b.Z 

t l i i 
L,Y ~ L' ,YI C' £ 

FIG. (3.12) 

Differential element across the purification section 

The flows denoted by L, L', C represent the mass flow 

rates of the free liquid, adhering liquid, and crystals. The 

compositions Y, Y', £ ~epresent the weight fraction of impurity of 

the free liquid, adhering liquid, and crystal phase. 

Referri ng to eutectic-forming binaries, Henry<43 ) assumed 

that the crystals are formed in the freezing section and transported 

down the pur ification section without change in composition(£). The 

crystals are surrounded by a layer of adhering liquid having constant 

flow rate (L') but of varying composition (Y'). A continuous 

exchange of impuri ty between the adhering and reflux liquids is then 

feasible (back- washing of the solid phase) at a rate of: 

(Mass transfer rate) ~ = Ka A p (Y1 
- Y) dz (3. 35) 

Axial dispersion of impurity, opposing the separation, takes place at 

a rate (according to Fick's Law) of: 
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It is assumed that solid and liquid flow rates, mass transfer and 

diffusion coefficients are constant, the column is at steady state 

and that adhering liquid flow rate, L', is proportional to solids flow 

rate, C and the ratio is independent of the position in the column. 

A component balance on the differential element of free 

liquid, Fig. (3.12) between Zand Z +t.Z (where Z is the position 

in the column measured from the freezing jacket) yields the following 

equation. 

L ~ ~~ ~ + KaA p ( Y 1 
- Y) + D p A '1 ~ ~~~ ~ = 0 (3.37) 

Similarly, from a component balance at the base of the 

purification section: 

L,Y 

t 

FIG. (3.13) 

Component balance at the base of the purification section 

And a mass balance about the same point yields, 

L = L' + C - ½; (3. 39) 

It is now possible to solve equations (j. 38) (3.39) and (3. 37) after 

simplification of the latter.. Experimental results have shown( 43) 
2 ( X) 

that the term (d2Y/dz) may be neglected. This is known as the 

Transport Equation approach and equation (3.37) becomes, 

L ~*~ + KaAp(Y' - Y) = O 

(x)- -See Appendix (A·S) 

(3 . 40) 



Equations (3.38) (3.39) and (3. 40) can now be solved; 

eliminat ing Y' we have a first order differential equation describi ng 

t he enriching section, 

~

, 

D p A--f] ~ p + 
~ + (L - L )Y = C.£ - ½;YE dz 

(3.41) 

That i s , 

?1: 11 ~ 1 L' 
+ DpAT"j ~ ~ y C£ - ½lE 

Ka p A dz + = 
L - L' 

(3.42) 

That is , 

~ !!I+Y = yp 
dz 

(3.43) 

Where , 

l (LL' ) 
~ = ( L - L' ) ( K p aA + D p A T) ) (3.44) 

And, 

(3.45) 

Note From the mass balance about the purification section (3 . 39) 

(L - L') = (C - ¾;) 

and from the assumptions 

Q = L /C 

Then (L x L' ) = Q (1 + a )c
2 

- a 1EC 

Thus (3,.44) can be rewritten, 

~ = (C - ~) 
1 

[ 

D p Ari • + a( 1 + a) c2 

- a½;q ] 

KaAp 

and (3. 45 ) Yp = (C £ - ½;YE) 

C - ~ 

The solution of (3.43) is thus : 

f dy 
y - yp = - f dz 

HE 

= - z + C 
¾ 
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The boundary condition of the purification section is 

defined at Z =~(the feed-point) where Y = Y¢, the composition of 

the reflux stream before meeting the feed. 

Hence the solution log 
e 

That is = exp. 

This is a general solution describing the concentration 

(3.52) 

(3.53) 

profile in the enriching section. A detailed derivation of equation 

(3.41) can be found in the work of Gladwin. <153) 

Similarly a set of equations for the stripping section can 

be obtained. 

where 

and 

(Y - YP) 

(Yrt, - Yp) = exp. 

For total reflux operation, the value of½; is zero and 

the equation for the enriching section (3.54) becomes: 

= exp. 

(3.55) 

where Y¢ is the free liquid composition at the top of the purification 

section. Then: 

H _ rnp Al) 
q, - L C + a ( 1 + a )CJ 

KaAp 
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Equation (3.58) can be used to predict the purification 

section composition profile, but in this case an initial condition is 

used rather than terminal-stream material balances as with continuous 

flow work. This can be achieved by equating the amount of impurity 

initially in the column to the impurity in the column at steady 

state. (See Albertins<39>). 

To carry out design calculations, the operating 

conditions F, YF' ½;, C, ½> and ZF are needed to constrain the 

problem for fixed-conveyor agitation conditions. The above design 

method is empirical, because the mass, transfer factors~ and H8 

and the crystal phase composition£ must be determined from 

experimental data. 

Design Equation 

The separation in the enriching section (YE/y¢) can be 

estimated for eutectic systems by developing an approximate design 

equation. By considering the various purification mechanisms 

operating in the column and introducing specific simplifying 

assumptions, as proposed by Wells et a1< 53), it is possible to 

y 
produce an equation which relates product composition, E, product 

offtake ratio·. RE, feed composition YF, and purification section 

L length P. For eutectic systems the following expression may be 

exp. (3.60) 

where D pA 11 represent the axial dispersion of impurity in the column. 
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CHAPTER 4 

Experimental 

4. Introduction 

As we have seen, crystallisation techniques have some very 

real advantages to offer in the field of industrial processes. The 

design and operation of crystallisation apparatus is still largely 

empirical as many of the crystallisation phenomena are not fully 

understood. Crystallisation has become important as a method of 

purification and as a method of providing crystalline materials in 

the desired size range. Broadly, crystallisers may be classified 

according to whether they are batch or continuous in operation; the 

latter being further divided into linear and stirred types. 

Crystallisers can also be classified according to the method by 

which supersaturation is achieved. The main feature of the 

crystalliser used is the method by which the size of the product is 

regulated, this being a fundamental dependent of the nucleation 

process. 

The crystalliser is operated such that the product produced 

falls within a desired size range; many crystallisers circulate the 

mother liquor removing the crystals in the classifier. The fines, as 

such, are returned to the process, for dissolution or to continue 

growing. Separations based on crystallisation rarely achieve product 

purities indicated by phase equilibria for a variety of reasons. 

High impurity levels result because mother liquor is often occluded 

in crystal imperfections and is entrapped in crystal agglomerates. 

The crystal is further contaminated by the large amount of mother 

liquor held in the crystal mass by surface tension and capil lary 

forces. Impurities are also adsorbed on the crystal surface by 

cllemisorption. 
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To obtain a product of desired purity by crystallisation, 

the amount of impurity in the crystal and/or the adhering liquid must 

be reduced. In conventianal processes of crystallisation, this 

reduction may require several pieces of equipment and repeated 

handling of the solid phase. The impurity in the crystal itself can 

only be removed by repeated melting and recrystallisation at 

successively higher temperatures. The amount of adhering liquid can 

be reduced by filtration, centrifugation, washing or by a combination 

of these precesses. 

Column crystallisation, on the other hand, is a technique 

whereby the crystals are obtained at high levels of purity in a 

single piece of equipment. There have been several column 

configurations described in which this has been achieved. Common to 

all the processes is a purification section in which the solid phase 

and free liquid are contacted whilst experiencing a temperature 

gradient throughout the section. This differential countercurrent 

contacting of crystals and liquid is a relatively new method for 

separation and purification. 

The various columns used by previous worker s are presented 

in Table (4.1). The columns (1) and (2) used in the present 

investigations are significantly, l arger than those previously studied. 

Thiswill enable the effects of scale up to be studied, especially 

the transportation of crystals at greater column dimensions. 
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()Jter Inner Height Approx. 
Investigator Tube Tube Vol ume Remarks 

I.D.mm O.D.mm mm mls. 

Bol saitis (41) 
25 15 867 270 enriching & stripping 

section 434 mm long. 

Moyers (52 ) 
no internal tube, a 

25 I 600 295 scraper & piston only 
in the freezing section 

Schildknecht a. 16 8 150 20 ultrapurification 

(44, 7) b. 25 15 700 220 
c . 40 16 520 550 semi-technical scale 

(prmposed ) d. 100 I 2000 I 

Betts (34 ) 
a. 25 12 500 190 column manufactured by 

b. 51 31 850 1100 Messrs. Newton Chambers 

Powers and 

Albertins (39) 
26 11 610 270 Total reflux >steady 

Gates (42) 
26 13 545 220 Total reflux state 

Henry (43) 
32 11 618 440 Continuous-Steady stat e 

Cutts and column manufactur ed by 

Wells (151) 51 36 690 700 Messrs. Newton Chambers 

Present study no internal screw tube 

column 1. so I 930 1000 support but a solid 
Archimedean screw 

column 2. 100 I 1420 9000 conveyor 

Table (4. 1) Column configurations used in other studies. 
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(4.1) Materials: Chemicals 

(i) Sodium Ch-loride - 56 lb bags, technical grade from r.c.r 

(ii) Industrial Methylated Spirits - approximately 95% 

(iii) 

ethanol and 5% methanol for use in the column. 

4bsolute Ethanol for standard solutions. 

Deuterium Oxide (98.8% pure) from A.E.R.E. Winfrith, 

Dorset. 

(iv) Metal Salts, Analar Grade, B.D.H Poole, Dorset. 

NiC12 6H20 

Crc1
3 

6H
2

0 

CdC12 2.5H20 

ZnC12 

Fec1
3 

Analytical Equipment 

{j) Pye E7566/4 conductivity bridge with 1 ml microcell type 

E7598/B, used for the measurement of the conductivity of 

Sodium Chloride solutions and the mixed metal salt 

solutions. 

(ii) Pye 104, flame ionisation detector (F.I.B.) G.L.C. 

(iii) 

Carrier gas 

Fuel 

Nitrogen 

Hydrogen: Air 

Column: PEG 400 M for the analysis of ethanol/water. 

20% by wt. on Chromosorb W; 100-1 20 mesh as 

support. A sample i njection 0.5 µL. 

Calculating Digital Density Meter 

Austria. 

DMA 45, Anton Paar, 

+ 0 Thermostated with a Grant water bath to - 0.5 C for 

measurement of density change in the water/deuterium oxide 

system. Sample requirement 0.7 ml. 
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(4.2) Previous development of the 100 mm diameter column 

A 100 mm diameter column crystalliser, of similar 

configuration to the 50 mm dia~eter crystalliser, had been assembled. 

The column consisted of three flanged, stainless steel sections. 

bolted together giving a total length of 1500 mm. The Archimed,ean 

screw conveyor was constructed from nyl on supported on a heavy central 

rod of mild steel. The screw pitch was 25 mm, with a flight thickness 

of 6 mm. The annular space between the tube wall and central screw 

boss was 12 mm. Tolerance on the tube wall : screw interface was 

0.076 mm on the diameter at o0 c, at 20°C the screw could not rotate 

within the tubes. The effective working volume of the column was 3800 mls, 

some 67% being occupied by the screw. A schematic is presented i n 

Fig. ( 4.1) 

-- ANCILLARY EQUIPMENT 
FIG. (4.1) 

Spiral Ori~ Mechmsm 

rodld RetlKn Line 

Electrical ________ Canptem 
Heaters 

Puifiat l!ll Feed Pre-Cooler 
Sectioo 

IJ"C to 2·c 
Coruntrated Bri"' 

Return 

H VALVES 

Fig. (4.1) 

Column and ancillary equipment, October 1974 
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The operation of this column was described in detail by 

Hobson. <5o} The initial runs with the freezing section mounted at 

the top of the column proved unsuccessful and the configura tion was 

inverted. When operating the column continuously, great care had to be 

taken to control the screw speed. As the screw speed was increased, 

separations increased but at the expense of more f rictional heat 

input. Because of the close tolerance of the rotating surfaces, 

localised heating of the liquid to above 20°c would cause the spiral 

to jam. Refrigerant circulation also required careful monitoring to 

prevent blockage due to excess freezing, and similarly the column was 

very sensitive to heat inputs at the top of the column. 

Initial results at low flow rates were encouraging but the 

operation of the column became unstable and difficult to control as 

they increased. With aqueous solutions great difficulty with 

controlled ice nucleation within the freezing section was experienced. 

Hobson found that supercooling of -10°c to -1 4°c had no effect without 

the presence of a nucleating agent (phloroglucinol). His technique 

was to. inject the agent as an aqueous suspension , in crushed ice, 

into the base of the column via a large bore peristaltic pump,which 

was supplying the ice/brine slurry feed for the column. The column 

cooling became critical during operation under these conditions , too 

much cooling caused excessive nucleation and blockage, while too little 

allowed the ice to melt and the phloroglucinol to disperse. The 

reason for the necessary step of nucleating the feed brine was 

attributed to the "mirror"-like surface of the screw and internal tube 

walls. This was later shown by Gladwin(153) not to be the cause , and 

in fact a "mirror" finish on the heat transfer walls was a prerequi site 

for steady column operation. 
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The solution to the problems proposed by Hobson( 5o) was 

the removal of the freezing section from the column and conversion to 

a Butane freezer based on a Draught Tube principal with self-induced 

agitation. The ice/brine slurry from the freezer would be fed by 

impeller into the base of the column and the ice crystals transported 

upwards by the screw's rotation. Wash water would be provided as a 

reflux fraction of the ice melted at the top and concentrated brine 

would be removed from the column base. The melting section could be 

supplied with heat from the condensation of the recompressed butane. 
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Improvements and modifications to the 100 mm diameter column 

Sections of the column requiring design modifications. 

Screw conveyor 

The design of the screw reduced the working volume of the 

column considerably. The central steel shaft made the assembly 

heavy and difficult to rotate and the energy expended in cooling it 

was unproductive. The number of flights was excessive, giving a high 

contact area for the column walls and conveyor. The screw must be 

able to rotate in a water filled column at room temperature, thereby 

reducing frictional contacts and preventing seizure of the conveyor. 

The final screw conveyor should be as light as practically possible 

to reduce the load on the motor. 

Freezing section 

This was formed from "Calorex~D-Tubing" wrapped around the 

stainless steel tube in a spiral, insulated on the outside . 

Melting Section 

A heating system was required that was easy to control and 

had a fast response. 

Feed 

It was considered impractical to use an ice/brine slurry. 

Also the use of nucleating agents was considered undesirable . The 

problems associated with the use of butane were too numerous to make 

the construction of a pilot scale column crystalliser feasible. 

Modifications carried out 

Screw 

The Archimedean screw was constructed from nylon flight 

segments fixed around a 25 mm diameter polypropylene shaft. The 

flights were assembled so as to provide a continuous path for the 

transport of solid phase. All the flights were machined to ensure a 

constant radius on the screw and free rotation in the column. The 
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dimensions of the screw are given in Fig. (4.2). 

Purification section 

The stainless steel column was replaced with a thick- walled 

perspex column of the same dimensions. This was to allow the build

up of the crystal bed to be observed. The stainless steel freezing 

section and melting section were bolted on to screwed rods set in the 

perspex flange. The dimensions of the section are given in 

Melting section 

Several types of heating devices were used, depending upon 

the configuration of the column. When the melting section was 

mounted at the top of the column, the following system was used. A 

polythene crystal trap was mounted on the top of the steel flange 

into which was placed a copper coil hot water heater, centrally 

around the central axis. When the melting section was mounted at the 

base of the column, it was provided with two means of melting the 

crystals. Axound the outer wall of the section a waterproof hot 

foil heating tape was secured while a copper coil hot water heater 

was mounted in the base plate of the column. 
I 

The coil was sealed to 

the base plate and extended up the column to the end of the last screw 

flight. The dimensions are given in Fig. (4.4). 

Freezing section 

A nylon jacket was fabricated to fit over the stainless 

steel tubing. The cooling jacket was lagged with polystyrene foam. 

The feed inlet was located 5 mm below the jacket. The internal surface 

of the freezing section was honed to within! 5 thou.of parallel e.nd 

polished to a mirror finish. Periodically the column was repolished. 

The dimensions are given in Fig. (4.5)0 
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DESIGN OF PERSPEX PURIFICATION SECTIONS 
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DESIGN OFTHE COLUMN MELTlf\G SECTIONS 
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DESIGN OF THE FREEZING SECTIONS 
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Miscellaneous i!!!Erovements 

The original column was cooled by a mixture of 50/50 

(by weight) anti- freeze/water solution contained in a 90 litre tank. 

The i H.P. refrigeration unit reduced the temperature to 
0 

-15 c. 

This unit was used to cool the stirred feed tank. A larger 

refrigeration system was used for cooling the freezing section. The 

coolant was calcium chloride (S.G. 1.28) contained in a 350 litre, 

insulated tank, cooled to -35°C and stirred by recirculation from 

the main refrigerant pump. 

The feed was contained in an 80 litre, stirred, jacketed 

vessel, where the temperature could be controlled by regulation of 

cooling flow. The refrigerant was circulated using a glandless, 

magnetically driven centrifugal pump, the flow being indicated on a 

rotameter. For continuous operation the feed and base product were 

pumped using Watson-Marlow (MHRE 100) metering peristaltic pumps. 

These were resistant to corrosion and effectively controlled the flow

rates of the two streams. 

The screw conveyor was driven by a 3 phase l H.P. Kopp 

variator motor. This motor worked at constant torque and voltage 

providing constant driving power at low rotational speeds. Transmission 

of power was via gear cogs and chain drive,allowing ·for variati®n in 

speed of rotation from 40 to 150 r.p.m. The temperature gradient in 

the column was measured using J - type iron/constantan thermocouples 

sealed in stainless steel. The output from these thermocouples was 

displayed on a Honeywell 12 point recorder. 

A schematic of the modified equipment , assembled for 

continuous operation is presented in Fig. (4. 6). 
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(4.4) Column Operation; Total Reflux and Continuous 

The column was assembled with thefreezing section at the 

base and the melting section at the top, the crystals being transported 

upwards. The general procedure adopted for start up in both Total 

Reflux and Continuous work was as follows: 

The operation of the system was begun by precooling the feed. 

This was accomplished by pumping refrigerant from the smaller unit 

around the jacket of the feed tank. The feed was continuously stirred 

to prevent any localized under cooling and ice nucleation. On 

average the precooling of 8o litres of feed required 1; hours to bring 

the temperature almost to the freezing point. In the initial work a 

feed solution of 3.5% wt/wt Sodium Cloride in water was used giving a 

freezing point of - 1.98°c. 

The feed was then pumped via the peristaltic pump to the 

column. Once the column was filled with feed the screw drive system 

was switched on and the screw speed adjusted to the required value and 

checked with a stop-watch. For a continuous run the feed rate and 

''base" product (pure stream) were checked and calibrated. Once these 

were fixed the temperature recorder was switched on and the refrigerant 

in the large refrigerant tank cooled to give a tempe'rature of - 30 to 

0 - 35 c. 

The pump to circulate refrigerant from the large tank to the 

column was switched on and the flow was controlled using a rotameter, 

while some of the refrigerant was recycled directly back to the tank. 

The temperatures were carefully monitored and recorded every ¾ hour 

throughout the experiment. The location of the various sample and 

temperature points is indicated in Figs (4.3) - (4.5). The time for 

build-up of a crystal bed was 1½ - 2 hours depending upon the crystal 

production rate. Once the column was filled with crystals,liquid 

samples were taken along the length of the column. A 5 ml syringe 
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was used to take the samples, which were stored in sealed sample 

bottles until they reached room temperature (usually about 20 minutes). 

The salt concentration (NaCl) in the water was determined using a 

conductivity bridge. Hourly samples were taken for at least three 

hours after the column had initially filled with crystals. In the 

continuous work it took about three hours, after crystals initially 

filled the column, to reach steady state,~hereas it took about two 

hours in the total reflux runs. Steady state conditions were· indicated 

by a straight line plot on semi-log paper for the log of concentration 

versus position in the column. 

The other parameters measured throughout the experiment were 

the purified (base) product and the concentrated (top) product rates. 

These two streams were recombined in the feed tank where the 

concentration was monitored for any fluctuations. The build-up of 

crystals into a packed bed was indicated by an increase in the current 

drawn by the motor. Under normal operation of a water filled column 

a current of 0.5 amps was drawn. Any increase in this value indicated 

a build-up of crystals or that a blockage had occurred in the freezing 

section. When the freezing section was at the top and crystals were 

transpoFted downwards, it was possible to observe the build-up of 

crystals by an increase in pressure measured at the base. For steady 

column operation it required the balancing of heat input into the 

melting section to give a steady pressure of 4 to 5 pounds per square 

inch. The pressure gauge also indicated a blockage in the freezing 

section since the reduced flow of top product was reflected by an 

increase in base pressure. 

The systems studied in the column were aqueous and did not 

require any special handling techniques. Where necessary individual 

sampling techniques were modified to suit the different systems/ 

analytical method. 
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(4.~a.i.Joperational Conditions: Desalination 

The initial column evaluation was conducted using the 

sodium chloride/water system. A feed solution of 3.5% wt/wt sodium 

chloride in tap water was adopted, this enabling a comparison of the 

separations obtained on the column with other processes used for 

conventional desalination. The parameters varied are listed below 

arld divided into: 

(i) Column effects: 

(a) Geometry of the Archimedean screw, annular space, 

angle of flights and length. 

(b) Direction of crystal transport, ascending or 

descending the column. 

(c) Position of feed into the column. 

(ii) Operational effects: 

(a) Screw speed variations. 

(b) Size and shape of crystals. 

(c) Crystal production rate, undercooling and flow of 

refrigerant. 

(d) Heat input to melt crystals. 

(e) Feed rate. 

(f) Feed temperature. 

(g) Product removal rate. 

(h) Impurity fraction of the feed . 

The first runs performed were batch or Total Reflux in 

nature. These initial runs were. investigatory in nature to evaluate 

the column performance and reliability of the ancillary equipment. 

The column was operated with the freezing section at the base, 

transporting the crystals up the column. It soon became obvious that 

the crystals reaching the top of the column could not be melted at a 

steady rate and crystal mass was transporting out of the column. 
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The trap was added to contain the crystal mass and the crystals 

emerging from the top- of the column were contacted by a heated copper 

coil. Retrigerant was circulated around the freezing section, 

0 0 
varying the temperature from - 17 C to - 20 C. The screw speed was 

varied from 54 r.p.m. to 74 r.p.m. In all cases, the build up of a 

crystalbed was found to be difficult and the purification obtained 

was confined to the top 200 mm of the column. 

In order to improve performance a feed precooler was used, 

plus ice in the brine slurry. This improved the rate of 

formation of crystals and a concentration gradient was established. 

Unfortunately a significant reduction in impurity was only observed 

in the top 200 mm of the column. A typical concentration gradient 

being: 

Top - 12,000 P•P• m. 

Initial Feed charge - 33,000 p. p.m. 

Base - 58,000 p.p.m. 

Difficulty was experienced with the precooler in the 

initial filling of the column. Due to the low feed :refrigerant 

rate, frequent blockages occurred. The copper coil heater was 

proving difficult to regulate. An excess of melted crystals would 

descend the column destroying the concentration gradient that had 

been established, a typical concentration profile is shown in 

FIG. (5.1.a). To improve crystal production rate, the refrigerant 

temperature was further decreased. This produced an initial increas e 

in the crystal mass which soon decreased as the freezing section 

rapidly blocked. Increasing the screw speed f r om 54 r.p.m. to 74 r.p.m. 

0 while progressively reducing the cooling temperature to below - 20 C 

did not solve the problem. The increased screw speed caused crystals 

to be transported up the column at a rate which exceeded the capacity 

of the melting section. 
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At this point several modifications were made to the 

apparatus to enable it to operate under more controlled conditions. 

(1) A smaller cog drive was attached to the motor reducing the 

minimum screw speed to 42 r.p.m. 

(2) A new copper coil was fabricated and mounted above a 

polypropylene disc fixed to the central screw shaft. The 

disc was designed to hold the crystals back in the column and 

force them outwards over the copper coils. This allowed for 

a reduced heat input to the coils and hence more controlled 

melting. Both designs are show~ in FIG~ (4 .7) 

Hritrd Copper 
Coils 

Polythene Crysul 

t Crystals m!nding 
lhe column 

Trip l Hratrd Copprr 
Coils 

Polythrnr Crystal 
Trip ~ . 

Rotiting Polythen 
Dist 

f
• Crystils ascending 

the column 

FIG. (4.7) Melting section details 

The previous experiments were repeated and the column was 

found to be more responsive to control and it was possible to build 

up a crystal bed and achieve separation down the column. A typical 

concentration profile is shown in FIG. (5.1.b). The column was now 

reliable to operate and it was decided to convert the system for 

continuous operation, that is, a removal of product from the top, a 

concentrated stream at the base with the crystals transported 

upwards. 
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Continuous Operation 

The column was assembled as for the previous runs, feed 

entered the column just above the freezing section and was metered 

via the peristaltic pump. A similar pump was also used to remove 

the concentrated stream from the base, the product stream being the 

overflow from the column. Five runs were carried out, varying the 

screw speed from 42 to 50 r.p.m. Base product removal and crystal 

production rate were also varied, the results are summarised in 

TABLE (5.2), and a typical concentration profile is given in 

FIG. (5.1.c). Once again, purification was limited, the 

separation being towards the top of the column as before. In all 

cases the concentration gradients were similar to those for the initial 

trial runs at Total Reflux. 

From the initial runs it was obvious that a homogeneous 

crystal bed had not been established. The washing of impurity from 

the crystals ascending the column was totally inadequate. The means 

of generating the reflux liquid with the hot water copper coil 

required constant attention when in use, since excess "hot" water 

descending the column rendered the crystal bed unstable. The feed 

precooler was very susceptable to blockage. At the end of each run 

the volume of free liquid draining from the column averaged 4 litres 

indicating that the crystals were present in a "mush" rather than a 

packed bed. 

In view of the number of problems encountered with 

transporting the crystals up the column, whilst having the freezing 

section at the base, it was decided to reverse the column 

configuration. 

Modifications to the experimental equipment 

The column was assembled with the freezing section at the 

top and the melting section at the base. The l atter section was 

equipped with two means of melting crystals, a hot foil tape and a 
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small copper coil. A pressure gauge was also added to register a 

build up of crystals. The feed entered the column 5 mm below the 

freezing jacket, the pure product being removed from the base and the 

concentrated stream leaving as overflow. The feed precooler was 

also removed, the feed temperature being regulated in the jacketed 

feed tank. 

The ~ame operating conditions as previously used were 

employed. From a consideration of the densities of the system 

(Ice= 0.92 g/ml and 3.5% by wt NaCl solution= 1. 025 g/ml) ice 

Grystals would be expected to rise. This was observed, as they rose 

they were compacted together and transported down the column by the 

screw. In this way a uniform continuous crystal phase was seen to 

descend the column. However after several hours of operation a 

blockage of the freezing section occurred, evidenced by the lack of 

crystal transport and an increase in the waste stream. Increasing 

the feed rate to the column did not prevent blockage. In order to 

increase the agitation in the freezing section a liquid pulse wa~ 

introduced, but failed to improve the situation. Several more runs 

were carried out at progressively increasing screw speeds, but the 

problem persisted. 

Upon dismantling the freezing section after such a blockage, 

it was found to contain a large plug of ice, equai in length to the 

freezing section (see Plate 4.2). 



PLATE (4.2) 

Termination of an 
experimental run due to 
blockage of the freezing 
section 

122 

PLATE (4.1) 

General view of the 100 mm 
column crystalliser, assembled 
in configuration (B) 



          

            

           

          

          

         

            

          

           

           

 

            

        

           

          

   

            

         

         

 

            

           

          

 

           

            

           

           

           

The outer edge was firm and glass-like, while the inner 

mass was a compacted "mush". The central portion of the ice plug 

was hollow allowing the passage of feed solution but no further 

crystal production. An examination of the inner surface of the 

freezing section showed that the surface had been abraded by 

intermittent contact with the nylon flights. The surface was 

buffed with a 100 mm high speed mop impregnated with a stainless 

steel abrasive,and finally finished with a very mild abrasive and 

soft polish. Upon reassembly the column performed well and did not 

block and the system was operated, varying the parameters which are 

listed below. 

(a) The effects of screw speed on the enriched product purity, over 

the range of 50 to 100 r.p.m. were investigated. 

(b) By choosing a suitable screw speed the variation iri the concen

tration of sodium chloride in the free l iquid for increasing 

feed rate was determined. 

(c) These two sets of experiments had been carried out at constant 

crystal production rate, hence the variation i n the impurity 

content of the enriched product with increasing crystal production 

was assessed. 

(d) The effects of the variation of the various product streams was 

also considered, that is, the ratio of product to feed and 

Note 

product to crystal production rate (Reflux Ratio) on the enriched 

product purity. 

The experiments carried out in (a) were performed at a high 

and low crystal production rate for each screw speed. The effects of 

increasing the crystal production rate were not possible beyond 0.6 g/sec 

in the present column. At low crystal rates the pressure gener a ted 

at the base was 3-4 p.s.i., upon increasing to the above production 
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rate, this increased to 10-12 p.s.i. An increase i n current drawn 

(from 0.5 Amps to 1.0 Amps) also occurred. At these very high crystal 

rates there was a tendency for the Archimedean screw to be driven 

out of the column or for the driven pin on the screw drive to sheaer. 

To prevent this required careful control of the melting section. 

However, the best separations were achieved under these conditions. 

From the work on the 50 mm column, the best feed position 

had been as near to the freezing section as possible. In the 

present experiments this was kept fixed 5 mm below the f reezing jacket . 

Alse mechanical oscillation of the transport screw -was not employed, 

as this had been found to increase the transport of impurity down the 

50 mm column. 

Analytical Procedure 

The column was always sampled in the order of increasing 

impurity, that is, from the pure product to the impure concentrated 

stream. A minimum of 2 mls of sample were removed, twice,from each 

sample point, the first sample being discarded. Samples were allowed 

to equilibrate with room temperature before a measurement of 

conductivity was made. The unknown concentrations were then 

determined by comparison with a prepared calibration curve of known 

sodium chloride solutions in water. After each sample reading the 

1 ml micro cell was flushed twice with distilled water and dried with 

a tissue. 
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(4.5) (a) (ii) Screw conveyor: further modification 

At the termination of the initial desalination experiments, 

it was decided to investigate the possibilities of modifying the 

screw so as to simplify the operation of the column. The nylon 

Archimedean screw was replaced with a much shorter mild steel screw 

with more efficient 'scrapers' and facility for the removal of ice 

samples for microscopic study. Figure (4.8) shows the design of 

the new screw. 

,--------1_0~-1 ~ (A) 8mm sample po1nts. 

(8) location for short nylon screw 
extensions. 

e 
E ...., 

r... -

e e 
c::::, 
c::, 
~ 

22mm 

0 

I 

~ 

I 

Screw pitch: 50mm 

t 
Orin sprocket scrrw supported on an 

adjustable brack!t,with phosphor- bronze 
guide bush. 

0 

~~-- 9mm steel locating strips 

1.---3nm flexible persp,x strip. 

(3 scraper blades at 120• 
to each other.) 

,---
I 
I 0 

(B) 100mm 
I 

.. 1, 

Fig. (4.8) Design of scraped surface metal screw 
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The screw was fabricated around a steel shaft to which a 

spiral of mild steel was welded. Three strips of perspex 12.5 mm 

wide, 2 mm thick and 270 mm long were fitted vertiaally and 

equidistant from each other on the outer side of the spiral. These 

are fixed within a steel bracket which gives them rigidity to perform 

the function of ice scrapers, removing ice from the inner heat 

transfer surface of the freezing section. 

A hole was drilled through the steel shaft from top to 

bott0m and connecting holes (four) were drilled from the side to 

allow the crystal mush to enter the central shaft. By inserting a 

probe to the required depth it was possible to remove a sample of the 

crystal mush for microscopic examination. The screw was coated 

with an epoxy primer to reduce corrosion. Short lengths of the 

nylon Archimedean screw were also assembled such that they could be 

attached to the base of the metal screw thereby extending its length 

through the purification section. 

(4.5) (a) (iii) Microscopic examination of the ice c~ystals produced 

during desalination 

The instrument used to measure the crystal sizes and shapes 

produced in the column was a Leitz,cooling stage,polarising 

microscope •. The instrument is very similar to a standard laboratory 

microscope with the facility to operate at different temperatures. 

The instrument comprises the following functions: 

(1) Cooling stage 

(2) Polarising lens 

(3) An attached photo tube for photomicrography 

(4) Compensators 

(5) Rotating stage 

The cooling stage corresponds in size and shape with the 

circular revolving stage of the Leitz polarising microscope. The 
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cooling stage contains a built-in electric heater with automatic 

thermo-regulator, a cooling coil, a built-in thermometer and various 

inlet and outlet connections to the cooling unit (a Kryomat 1700). 

The cooling stage was also fitted to take a calibrating thermometer, 

a guard tube and nitrogen chamber to prevent any condensation at 

lower temperatures. The calibrating thermometer gives the exact 

temperature of tlle object mounted on the microscope. 

The Krymmat 1700 was used to circulate methanol, which could 

be cooled to -30°C, in a well-insulated temperature controlled bath, 

by means of an air-cooled compressor. A circulating pump supplied 

the coolant through the insulated connecting tubes to the stage to 

cool the object on the stage. Regulating the flow of coolan~ adjusted 

the operating temperature of the cold stage. 

General Procedure 

(1) Samples withdrawn from the column were stored in a well insulated 

container, cooled to the freezing point of the crystals. 

(2) The microscope and Kryomat 1700 were switc.hed on about 10 minutes 

before taking measurements. 

(3) The temperature of the cooling stage was set. 

(4) When the temperature was reached, crysta ls were transferred on to 

the glass slide already mounted on the stage. A pre-cooled 

transfer pipette was used. 

(5) The nitrogen chamber and guard tube were then placed over the 

sample to exclude external interference. 

(6) The microscope was adjusted to get the best view and photographs 

of the ice crystals taken. 

(7) In order that the actual si3e of the ice crystals could be 

measured from the photomicrographs, an object of known size was 

placed on the microscope stage, and using the same magnification, 

photographs of the object were taken. 
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(8) Comparison of the object size with the size obtained from 

photomicrography measurement enables a factor difference to be 

calculated and hence, the magnification contributed by the 

camera. 

(9) This factor gives the overall magnification of the ice crystals 

viewed through the camera, and for that specific objective used. 

Hence, the size of the ice crystals can be determined. 

Note: Objectives of 4· x MF and 10 x MF were used in this work. 

To ensure that the cooling stage temperature did not cause 

an increase or decrease in crystal size whilst they were viewed 

through the microscope eyepiece, photomicrographs of the ice crystals 

were taken at different intervals of time. The ice crystal· sizes 

determined were then compared for any increase or decrease in size. 

Also, a set time for viewing crystals was used, once this period had 

expired, fresh crystals were used to replace the old ones. 

(4.5) (b) Operational Conditions: Ethanol concentration 

In order to obtain: further data on the effects of scale 

up from a 50 mm diameter column to a 100 mm diameter column a second 

system was processed on the large unit. Once again it was an aqueous, 

binary eutectic system of ethanol in water. The initial 

concentration of industrial methylated spirits (I.M.S.) was undertaken 

on the 50 mm diameter column, using a feed of 10% by wt I.M.S. in 

water. This was used as feed for the present studies. Due to the 

low specific gravity ethanol (0.?89 g/ml) and the lower freezing 

point, the ethanol remains liquid at the top of the column, the ice 

crystals being displaced down the column by the screw. Thus the 

tendency for the crystals to migrate to the top of the freezing section 

should be less in the ethanol water system than the desalination 

system. 
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However from the previous work, the column configuration was 

chosen such that the freezing section was at the top of the column, 

the crystals being transported down, through the purification section 

into the melting section. With this system the column was being 

operated in a reverse manner. Normally the top, concentrated stream 

would be the impure produc~, by virtue of its lower freezing point, 

and would be considered waste. In this case the concentrated 

stream is an upgraded product of ethanol in water. 

The column was operated as before except this time the 

feed tank was cooled to -4.5°c, just above the freezing point of the 

feed. The crystals produced in the freezing section were of a 

"mush" form and were easily transportable. The following variables 

were investigated. 

(a) Effect of screw speed at a (i) High Feed~High Product removal rate 

(ii) Low Feed :Low Product removal rate 

for speeds from 34 - 1o4 r.p.m. 

(b) Effect of feed position. 

(c) Effect of top product removal rate 

(d) Crystal production rate 

(e) Effect of liquid pulses on the ethanol concentration down the 

column. 

Analytical Procedure 

Samples from the column were collected as before and 

sealed in sample bottles using airtight suba seals. ~5µL samples 

were then injected on to the G.L.C. and the unknown concentrations 

determined by comparison of peak heights with those for standard 

solutions. G.L.C. conditions used were: 

Column oven temperature 

Detector oven temperature 

Nitrogen flow rate 
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8o0 c 

l00°C 

40 ml/min 



  

  

 

 

    

      

       

        

          

          

          

           

            

           

           

         

            

         

           

    

          

       

           

           

           

 

 

 

 

 

 

    

Hydrogen flow rate 

Air flow rate 

Amplifier attenuation 

Column 1530 mm by 4 mm diameter 

45 ml/min 

600 ml/min 

5 X 10
4 

(4. 5) (c) Operational Conditions : Waste effluent recovery 

It is possible to consider using column crystallisation 

for several reasons. It is undesirable to discharge quantities 

of effluent to waste causing pollution,and there is an expensive 

loss of chemicals that could be recovered and recycled. The 

development of such a system for the recovery/removal of mixed metal 

ions was carried out on the 50 mm diameter eolumn crystalliser. An 

initial attempt had been made to recover copper as copper sulphate 

f r om an aqueous feed on this column. This had been partially 

successful and showed that copper sulphate solution could be 

concentrated from 3% by wt salt in water up to%. Above this 

concentration problems were encountered with the nucleation of ice, 

that is, hard needle- like crystals were formed in preference to a 

"mush" and column blockage occurred. 

The feed solution prepared was based upon that for a 

typical metal finishing plant effluent stream. This simulated 

(12) effluent stream had been previously used by Campbell and Emmermann 

in their development ofan S.R.F. process for the recycling of water 

from metal finishing wastes. An analysis of the feed solution is 

presented below: 

Ni2+ = 100 mg/L 

cr3.., = 104 mg/L 

Cd2+ = 113 mg/L All salts weighed as chlorides 

Zn2+ = 100 mg/L 

Fe3+ = 112 mg/L 
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The metal salts were dissolved in an aqueous solution of 

, 3(),000 mg/L Sodium Chloride in water. The feed solution was a 

straw-coloured liquid. 

The 50 mm diameter column was assembled as per the 100 mm 

diameter column and all the runs were continu0lis. A pure "water" 

product was removed from the base and a concentrated salt stream 

from the column overflow. The parameters investigated were 1 

(a) Effect of screw speed on product purity, from 52 - 120 r.p.m. 

(b) Effect of feed position on product pur:ity. 

(c) Effect of enriched product removal rate on the impurity content 

of the enriched stream. 

(d) Effect of crystal production rate on product purity. 

Analytical procedure 

Conductivity measurements were used to obtain the 

concentration profile down the column. The unknown concentration was 

determined from a prepared calibration curve. The calibration curve 

was prepared as follows: six standard solutions were prepared from 

analar metal. salts, in which the ratios of the metal ions were the 

h N.2+ 
same as they were in the feed sol~tion, for example, t e 1 

concentration varied from: 

Std. (1) Std. (2) Std. (3) Std. (4) Std. (5) Std. (6) 

27 mg/L 50 mg/L 74 mg/L 100 mg/L 126 mg/L 151 mg/L 

remained constant. 

A plot- of. conductivity versus concentration was a straight 

line passing through the origin. The concentrations of the individual 

metal ions in the feed and product were also determined using Atomic 

Absorption Spectrophotometry. This allowed an accurate estimation of 

the level of removal of the various metals to be made. 
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(4.5) (d) Operational Conditions: Heavy water regeneration/upgrading 

The application of column crystallisation to this system is 

for the recovery and upgrading of heavy water for reuse. When heavy 

water has been used in the moderator circuit of a reactor its 

concentration gradually falls, due to ingress of water and other 

contaminants into the system. Normally a reactor plant has to treat an 

impure, contaminated , heavy water recycle stream of 80% n
2
o and 

upgrade it to 99.9% D20 before it can be reused in the main system. 

Initial work on the 50 mm diameter column suggested that it was 

possible to separate water and heavy water. The experimental work 

on concentration of deuterium oxide was hindered by two major problems. 

The first of these was developing an analytical technique that would 

respond to the changes in ratio of water to heavy water. The other 

problem concerned the actual crystal form the heavy ice took. Pure 

water and heavy water nucleate and grow as needle-like crystals and 

as such were not transportable. 

This last problem was solved by using a 3% ethanol solution 

as a habit modifier. This allowed the formation of the characteristic 

crystal mush and it was possible to transport the ice/heavy ice 

mixture. However using a habit modifier gave rise to problems with 

the analysis (for ethanol is 0.7893 g,/ml). The original method of 

measuring the density by weighing was determined to have an accuracy 

of 1 - 2%, however the method was long and tedious to perform. To 

overcome this and improve reproducability and accuracy,an automatic 

digital density meter was used for the exact measurement of density 

changes down the column. The following shows the densities of the 

pure components as measured on the Anton Parr DMA 45: 

Density sLml 30°c 

Pure D20 1.1039 1.1041 (two separate samples) 

Pure c2H
5

0H 0.7810 

Pure ~o 0.9957 
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The freezing point for a mixture 80% D2o, 17.5% ~o, 2.5% c2~0H 

0 The freezing point for pure n2
o .. 4.o0 c. The density was + 2.5 c. 

of the above mixture is 1.0?4o g/ml which indicates that it is possible 

to detect the changes in density as the ratio of water: heavy water 

varies. 

The 50 mm diameter column was assembled as previously with 

the freezing section at the top and the crystals transported downwards ) 

through the purification section into the melting section. The column 

was operated with continuous feed, product removal from the base and 

a "concentrated" overflow from the top. The various parameters 

investigated were the effects ofs. 

(a) Screw speed 

(b) Moving hlle feed point down the column 

(c) Increasing the reflux ratio 

(d) Increasing the crystal production rate 

Analytical procedure 

In a simple, two component eutectic system, it is easy to 

measure the increase of one component relative to the other, fox as one 

increases the other decreases and vice versa. In the present system 

changes in the compositions relative to each other are measured using 

G.L.C. (for the ethanol) and density determinations . Thus the changes 

in density can arise from the change in the ratio of ethanol to water 

and not from an increase in heavy water concentration. That is , as 

the density increases down the column, the ethanol concentration 

decreases, the problem arises in deciding if the increase in density 

is due solely to the replacement of ethanol by water. To verify this, 

sample feedstock solutions were prepared varying the concentration of 

ethanol in each and then the density measured. A gr aph of percentage 

ethanol versus density is plotted,and the s traight line extrapolated 

to zero ethanol concentration, which corresponds to a H20 : n
2
o system. 
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In each case the weight fP.action of D20 was kept as constant as 

possible. 

In an experimental run using this feedstock, a density 

gradient is established down the column simply by removing the ethanol, 

and we can predict the final density of the expected ~O: D20 mixture. 

Since the freezing point of the stock solution is above o0 c, pure 

water cannot freeze out. The heavy water component when pure freezes 

at +4°c,and will freeze out at the column operating temperature. In 

the experimental runs, the densities measured were greater than those 

predicted from the graph, indicating that the increase was due to the 

enrichment of the D20 fraction by crystallisation, above o0 c. 

Ethanol impurity a determined by G.L.C. using the same conditions as 

the ethanol concentration work. 

Density Measurement 

The sample is introduced into a U-shaped sample tube which 

is rigidly supported at its open ends. The sample tube is 

electromagnetically excited to vibrate at its natural frequency. From 

the frequency change caused by a specific sample inside the sample 

tube,the density of the sample is calculated. Since the mass of the 

sample participating in the vibration is established in this way, 

there is no need for measuring either weight or volume. Viscosity 

or surface tension of the sample do not affect the result. 

For the instrument calibrated with air and distilled water, 

and thermostated to !o.5°c, it has the following precision and range: 

+ -4 _, . g/ 1 x 10 IS/ml in the range Oto 1.5 ml 

+ -4 g/ 5 x 10 ml in the range Oto 3.0 g/ml 

Temperature range of sample -10 to +6o0 c 

Sample size, minimum 0.7 ml. 

The sample is normally injected into the sample tube with a 

hypodermic syringe. The sample tube has to be completely filled, 
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without any entrapped gas or solids. At the completion of a 

reading, the sample is sucked out out of the sample tube which is 

washed with a suitable solvent and dried with the built-in air 

compressor. 
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Chapt er 5 Resu-lts and_Observations 

( 5.1) Desalination: effect on separation of column variables. 

The variables investigated were : 

(a) 

(b) 

(c) 

(d) 

(e) 

(f) 

Screw Speed 

LE = pr oduct flow rate 

C = solids flow rate in the enriching section 

LE/c = fraction of melted solid removed from column 

LE/F = pure product/feed rate 

F = feed rate 

Variables held constant 

(a) YF = feed composition (3. 5% by wt. NaCl i mpurity) 

(b) ~=feed positi on 

(c) Freezi ng section, purification section, melting section 
lengths 

Mathematical Treatment of Results 

The mathematical analysis, describe'ii by Powers, (43) for 

predicting the performance of column crystallisers operating under 

Total Reflux and Continuous operation, was applied to desalination 

in the pilot plant continuous column crystalliser. The two 

parameters controlling the separation in the column are t he axial 

diffusion cf impurity and the mass transfer between t he adhering 

liquid and the free liquid. 

The concentration profiles for the enriching section were 

measured and are described by Powers ' solution: 
- (Z- ZF) 

y 
= e . 

where 

and = 
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nquation (3.54) can be rewritten: 

= -{z - z ) 
F 

If (Z - z.r) is written Z* (i. e. the distance from the feed point to 

the sample point) 

ln 

Using two colUIDn positions ,from the experimentally determined 

concentration profile, equation (3.54) could be solved from 

simultaneous equations where Z
1
*, z2*, Y1, Y2 are known and only 

Yp and~ need to be evaluated. 

that z2* = 22i*, then 

y 2 - y y 
1 2 ¢ 

2Y1 - Y,p - Y2 

If z
1
* is chosen each time such 

In the case of each graph six values of Yp were calculated and the 

average determined such that a plot of ln (y - YP) vs Z* gave a 

best- fit straight line. The slope of the l ine is - 1/R,.. 
.l!i 

Using equation (3.48), the D and Ka values were determined 

using the measured value of½: and C~ The evaluation of t he constantsa 

and~ is given in the appendix. By choosing a series of crystal 

production rates and/or base product r a tes a series of simultaneous 

equations can be formed and solved for the D and Ka values. It is 

now possible to use these calculated values in equation (3.54) to 
' 

give a theoretical separation value for~ at different crystal 

production rates and/or base product r ates . This enables a series 

of theoretical plots of impurity vs.position in the column to be 

constructed and compared with the experimentally measured concentration 

profiles. 
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From equation (3.49), knowing C, LE, YE and YP; £ the 

soli d phase impurity level was calculated for that particular set of 

operating conditions. 

1, 

Screw Speed 
r.p. m. D 

2 cm sec - 1 Ka - 1 sec 

100 3.13 X 10- 2 1.07 X 10- 4 
1, 

60 2.65 X 10- 2 1.09 X 10-4 

Crystals transported dovmwards 

TABLE (5 . 1) 

Calculated Values for D and Ka for the Desalination System 

The desalination of "seawater" was carried out in the 

column at Total Reflux and Continuous operation. The initiel batch 

runs were designed to test the operational reliability of the column 

and ancillar y equipment. 

(a) Total Reflux: Column configuration (A) 

The column was operated with the freezing section at t he 

base, the crystals being transported up through the purification 

section and melted at the top of the column. The difficulty in 

building up a crystal bed and establishing controlled melting of the 

crystals prevented any significant separation in the column. A 

typical concentration profile is shown in Fig. (5.1), curve (a) . By 

carrying out several design modifications , a reduction in drive speed 

and use of an improved melter, it was possible to build up a crystal 

bed and achieve separation down the column. A typical concentration 

profile showing the i mprovement is presented in Fig . (5.1), curve (b) . 

This is a characteristic concentration profile curve, 

showing an impurity gradient of approximately 2000 ppm at the pure 

end,down to 78,000 ppm at the concentrated impurity end, the poi nt of 

inflection being around the mid portion of the column. Whilst 
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separation was limited to the upper portion of the column it 

indicated that .the desalination system could be treated on the 

column. Further investigations were carried out by operating the 

column in the same confi guration but with a continuous supply of 

feed . The results of these initial investigations are presented 

in Table (5 . 2) and a typical curve shown in Fig . (5.1) (c) . 

Product Waste Enriched 
Crystal stream stream Screw product 
rate rate rate speed composition 

Run g/sec g/hr g/hr ! r.p.m. p.p.m. 

DS 1 0.407 4192 9030 I 40 15,000 

DS 2 0.460 36_2~~ 7500 
I 
I 

40 14,000 

DS 3 0.492 6206 2910 40 16,500 

DS 4 0.412 2318 6110 45 12,000 

DS 5 0 . 409· 1828 3550 50 16,500 

TABLE ( :r. 2) 

Parameters for initial investigation of Column Crystallisation 
under Continuous operation 

The performance of the column, oper ating in this mode, has 

been descr ibed in section (4.5) (a). Comparison of this concentration 

profile to the two previous Total Reflux runs shows a more uniform· 

concentration gradient in the column. A pu:rification gradient has 

been established down to the feed point and the top stream impurity 

composition is much reduced. However the problem of operating the 

column, for long periods, with a stable crystal bed makes this 

column configuration unfavourable. The mass of crystals ascending 

the column cannot be dealt with easily. The fine control of energy 

input .cannot be achieved with the present melting section 

configuration. 
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On the positive side, the column demonstrated that it could 

handle impure streams of feed material and reduce the impurity levels , 

operating continuously. Whilst the bench scale columns have operated 

successfully under Total Reflux, the 100 mm diameter column does not 

give useful separations with the present system. There is no 

advant age from operating the column under ?otal Reflux or with t he 

freezing section at t he base. 

YE NaCl (x103 ) 

(p. p.m. ) 

100 

90 

80 

70 

60 

50 

40 

30 

20 

10 

0 

0 

Freezing 
section 

20 

Purifi cation 
section 

40 60 80 100 120 

Position in t he column (ems.) 

Refrigerant t emp. 
(oC) 

Screw speed Feed concentration 
(p. p.m. ) 

( a ) • - • -18 to -20 
(r . p.m. ) 

54 30000 Total re flux 

(b) .1\-X - 20 42 

(c),-A -24 45 

FIG. (5 .1) 

30000 

35000 

Total reflux 

Continuous -

configurat i on 
(A) 

Concentration profiles for the i nitial evaluat ion runs 
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PLATE (5.2) 

(2) Puxification section 
packed with a dense 
crystal bed 

(c. f. section (c)) 
( page 147 ) 
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PLATE (5.1) 
Column Crystalliser operating 

in configuration (B) 

(l) Purification s ection 
partially filled with 
descending crystals 



   

          

           

         

          

          

   

    

        

             

             

          

          

             

             

           

        

          

           

          

            

         

             

  

          

             

           

            

          

           

Continuous Operation: Column configuration · (B) 

With the column operating, in the reverse mode, optimisation 

runs were carried out to determine the most favourable conditions for 

steady state operation. From the concentration profiles of these 

runs the various column parameters were calculated. A summary of 

the variables is presented in Table (5.3), the individual concentration 

profiles in Table (5.4),(5.5). 

(a) Screw Speed Fig. (5.2) 

The spiral rotation rate was varied over the range 

50 - 100 r.p. m. , most of the subsequent runs being carried out at 

fixed rotation rates of 60 r.p.m. or 100 r.p.m. The peak level of 

impurity occurred around 80 r.p.m. although the magnitude of impurity 

variation over the rotation range was not excessive. At rates of 

50 to 100 r.p.m. there was little change in separation at the higher 

levels of solid flow rate, C. However, at the lower level of C, 

the separation was reduced. This is as expected since at lower 

solids production,the slurry viscosity is reduced rendering the 

transfer of impurity by axial diffusion easier. Since the spiral 

rotation is the only agitation in the column this determines the 

effectiveness of the mass transfer of impurity, i.e. how effective 

is the washing of the adhering liquid from the solid phase. Thus 

a balance,between the two extremes of excess i mpurity diffusion 

down the column and zero mass transfer has to be achieved at a 
' 

compromise screw speed. 

Calculated values for the Diffusion (D) and Nass Transfer (Ka) 

terms at 60 r.p.m. and 100 r.p.m. , in the column, are very similar 

(see Table(5 . 1)), showing that at these two spiral rotation r ates 

there is no enhancement of one effect over t he other . However , for 

the desalination system the values of the diffusion coefficients are 

so low that the diffusion effects are minimised at the measured 

conditions . 
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Desalination Experimental Runs Table (5.3) 

Run Feed Feed Composi t ion Screw Speed Enriched Product Enri ched Pr oduct Cryst al Cryst al 
No Rat e (g/hr) (ppm NaCl) (r pm) Rat e (g/hr) Com~ ( ppm NaCl) Direction Rate (1dsec 

DS 1 13000 30,000 40 4192 15,000 F.S. 1r- o. 4O7 Continuous 
DS 2 11100 30 ,000 40 3b9tl 14,000 base 0 . 460 II 

DS 3 tl935 30 ,000 40 6206 16 , 500 ,. 0 . 492 II 

DS 4 8361 30 ,000 45 231tl 12 . 000 :1 O.412 II 

DS 5 5329 30 , 000 50 1828 16 , 500 " 0 . 409 II 

DS 8 8592 30,000 50 2000 1,500 F. S. 0.591 - II 
I, 

DS 9 8900' 35 , 000 50 2000 2·.500 top 0 . 574 II 

DS 12 7072 34 ,000 60 2450 12 ,000 0. 443 II 

DS 16 7891 33 , 000 b0 2950 19,000 0.478 II 

DS 17 7249 35,000 60 2100 8 , 000 0. 478 II 

DS 18 8317 36,000 b0 2150 ,5 ,000 O. 478 II 

,DS 20 8639 38 ,000 60 2150 :4,000 0.514 II 
'; 

DS 21 7405 33 ,000 b0 2120 5,000 0. 547 II 

DS 25 6600 33 ,000 60 700 3 , 800 0. 554 II 

DS 26 6447 32 ,000 60 700 4,000 0.529 II 

DS 29 6848 35 ,000 80 1600 5 ,000 0.590 II 

DS 30 5700 35,000 tlO 1500 15,000 0 .572 II 

DS 31 6448 36,000 100 1576 3 , 250 O.4tl5 II 
,; 

DS 32 6252 36 , 000 100 1693 4 ,000 0.520 II 

DS 33 5520 35,000 100 · 1308 6 , 200 0.390 II 

DS 34 6710 38 ,000 100 1442 5 , 250 O.443 II 

DS 35 7600 36 ,000 100 1475 6 ,500 O.47O 11 
,; 

DS 36 6650 37 ,000 100 1524 5 ,000 0.542 II 

DS 37 7753 36 , 000 100 1469 3 ,000 0.527 II 

DS 38 6710 35 ,000 100 1292 3 ,500 0.491 II 

DS 40 2575 36,000 100 ·1 900 4,500 ,; 0.445 II 

F. S. Freezing Section base -- (configuration A) top - - (configuration B) 



     

 

 

         

           

  

  

 

 

  

      

             

            

Distance From 
Freezing 
Section ( ems) DS lA DS lB 

- 30.0 55000 77500 

19.0 46000 69500 

39.0 45500 38500 

59.0 46000 17500 

79.0 45000 8500 

89.0 37500 5000 

100. 0 5000 3500 

Crystal i ~ Direction 
Screw S,)eed 
(r.o. m. 54 42 

Crystal Rate 
( n-i'sec) 0 .310 0 .305 

Runs DS lA - lF 

DS lA,lB - DS 1-5 

DS lC - lF 

Desalination: Experimental Results Table (5.4) 

Concentration of NaCl i n Free Liquid : Concentration Profile (p.p.m.J 

DS l C DS lD DS lE DS lF DS 1 DS 2 DS 3 DS 4 DS 5 

86000 78000 66000 72000 44000 45000 47000 44000 51500 

51000 49500 51000 47000 30000 31500 33000 30000 31500 

43000 39000 37000 45000 24000 30000 30500 22000 30500 

34000 28000 35000 44000 20500 22500 20500 20000 30500 

22500 13000 28000 22500 19500 20000 20500 20000 30000 

- - - - 19500 20000 18500 18500 30000 

8500 4500 8000 4500 15000 14000 16500 12000 16500 

t · 1 ·, t l ! ~ • ♦ + 
60 80 100 120 

0 .340 0 . 317 0.335 0 . 335 

Total Reflux 

Freezing Section at the base of the column (configuration A) 

Freezing Section a t the top of the column (configura tion B) 

Base of Column 

Topof Column 



     

  
  

 

             

        

    

          

Desalination a Experimental Results Table (5.5) 

Distance Concentration of NaCl in the Free Liquid from the (values X 103 ) I Concentration Profi les (p.p.m.) 
freezing OS DS DS DS OS OS OS OS OS OS DS DS OS OS OS DS DS OS OS DS OS section (ems) 8 9 12 16 17 18 20 21 25 26 29 30 31 32 33 34 35 36 37 38 40 

- 30.0 58.5 61 . 0 55.0 46.0 49. 5 47.0 61. 0 47.0 49. 5 55.5 55.5 69. 5 55. 5 47.0 49.5 49.5 44. 0 47. 0 52.5 64. 0 47.5 

19.0 33.0 44. 0 44.0 35.0 41.0 38. 5 49.5 33 . 0 25.0 30.0 34. 0 44.0 26.5 31.0 31.5 33.0 41.0 44.0 19.0 41.0 46.5 

39.0 24.0 30.0 34.0 31. 0 33.0 33.0 44.0 31.0 13.0 20.0 22.5 32.5 12.5 GO.O 30.0 30.0 32. 0 38.0 14.0 27.0 45.5 

59.0 15.0 17.5 33.0 22. 0 31.0 30.5 20.5 17.5 7. 0 11.0 12.5 20. 0 6 . 5 16.5 24.0 18.5 30.0 31.0 5.0 6 . 5 44.0 

79.0 12.0 11.0 32. 5 19.5 27.5 20.0 10.0 10.5 5.0 5.5 6.5 11.0 3.5 7.0 14.0 8.5 20.5 20. 0 3.5 6.5 21.0 

89.0 1. 2 8.1 30. 0 19.5 18.5 17.5 9. 0 7.0 3. 8 5.5 5.5 1.0 3.8 5.5 9.0 7.0 16.5 12.5 3.3 4.5 19.0 
. 

108.0 I I 9.0 17.0 13. 5 10.0 6.0 5. 5 3.5 4. 0 4.5 6.5 3.3 4.5 6.3 5.3 12.0 4.5 3.3 3.5 1.0 

113.0 1.5 2. 5 12.0 19.0 8.0 5. 0 4.0 5. 0 3.8 4.0 5.0 5.0 3.3 4.0 6.2 5.3 6.5 5.0 3.0 3.5 4.5 

Runs OS 8 - DS 40 Crystals transported downward s 

/ --- NO sample obtainable 

Freezing section at the top of the col umn (configuration B} 



YE NaCl (x103 ) 

(p.p.m. ) 

5 

4 
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2 

• 

l 

0 

50 60 

Y NaCl (x 103 ) 

(p.p.m.) 

50 

40 

30 

20 

10 

0 
0 20 

FIG. (5.2) 

Effect of screw speed on enriched product 
purity for crystals transported downwards. 

1(-l( C 

·-• C 

70 80 

FIG. (5. 3) 

= av. 
= av. 

90 

0.525 g/sec. 

o. 590 g/sec. 

Screw speed 
100 (r.p.m. ) 

Variation in the concentration of NaCl in the 
free liquid when increasing the feed rate, for 
the same crystal production rates. 

40 
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l(-it F rate = 5716 g/hr. 
•-• F r~te = 7555 g/hr. 

Screw speed 100 r.p.m. 

60 80 100 120 
Position in the column (ems.) 



     

          

          

            

         

            

            

         

           

         

    

         

          

   
 

             

            

          

          

          

          

          

          

            

         

          

          

           

            

          

             

            

(b) Feed Rate Variation 

The effects of operating the column under varying rates of 

feeding, whilst maintaining the same conditions of crystal production C, 

and base product rate LE , foll owed the expected trend. As t he feed 

rate incr eased,the transfer of impurity down the column increased. 

As LE was fixed, the excess feed material was removed in the overflow 

waste stream LS , thus the flow of l iquid through the freezing section 

increased and the effective crystal production rate decreased. This 

reduction in solids production did not allow a compacted crystal bed 

to be built up , hence the fall-off in impurity removal. 

(c) Crystal Rate (Fig. 5.4) 

As seen in the previous optimisation runs, the solids 

production rate is a key parameter in determining the separation 

achieved in the column. 
l 

In Equation (3.48), the term appears as (C - LE) and c2 in 

the mass transfer segment . Thus as C is increased, the first term 

decreases whilst the latter increases. In practical terms, at low 

values of solids production, the diffusion can be expected to 

contribute significantl y to the impurity levels down the column. As 

solids production increases, it is predicted that mass transfer should 

be more dominant . Therefore an increase in crystal production rate 

should improve the purification. This trend was observed over a 

range of values of C = 0.390 g/sec to C = 0.527 g/sec. 

This was the maximum solids production that could be 

achieved without t~e problem of column blockage f rom excess crystal 

hold- up in the freezing section. A visual indication of solids 

production was the base operating pressure. At low values of C, 

a typical pressure of 3-4 p.s . i. was generated . As C increased, the 

base pressure increased to 10- 12 p. s . i . At t hese hi gher pressures 

a dense crystal bed was formed as opposed to a crystal slurry. It 

was possible to inject air at a sample point and follow its descent 
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down the column,whereas with the crystal slurry it diffused upwards. 

(d) Product ratio removal rate Fig. (5. 5) 

An important factor in any prpcess is the quantity of 

purified material obtained per unit time from the equipment. Crystals 

produced in the freezing section are purified by a washing mechanism 

as they descend through the purification section. Obviously, the 

impure crystals have to be contacted with purer free liquid to 

achieve this. The source of this washing liquid is from a recycle 

of a portion of the pure feed . It can be seen that this determines 

the quantity of pure product one can remove from the column, and as 

such one can operate between the two extremes of a high volume/low 

purity product and a low volume/high purity product. Another 

constraint upon the product removal rate is that for equation (3.48) 

to be valid , 

a(l + a)c2 -

KaAp 

then C )LE, to give meaningful values for D and Ka. In practice a 

compr omise is chosen such that a reasonabiy pure product is obtained. 

(e) Reflux Ratio FIG. ( 5. 6) 

This is defined as the fraction of melted solids removed 

from the unit, that is, the ratio of pure product flow rate to solids 

This is a measure of the quantity of liquid returned 

to the column for the washing of the impurity from the crystals . The 

column can operate between the two extremes of: 

and 

~= 1.0 

~ = o.o 
¾J = 

:::; 

C 

0 

(no reflux liquid) 

(no product) 
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If the washing of impurity from the crystals was complet e, 

then at low values of ~the enriching section product should have 

zero or minimum impuri ty. Examination of FIG . (5.6) shows an upturn, 

that is, below a certain value of ~there is no improvement in product 

purity. There is a l ower limit of product impurity content of 

3 ,000 p . p. m. which represents a value beyond which improvement on 

this specific appa.z:atus is difficult to achieve with an economic 

reflux. A value of 500 p.p. m. was found for the desalination system 

on the 50 m.m. column. 

In an effort to simplify the study of the effects of process 

parameters, Wells( 53) stated that under economic operating conditions , 
I 

D p A 'l )) LL /K p a A (3.44) especially at MU!. refluxes, and 

that the adhering liquid at the feed point had the same composition 

as the feed, YF. The resulting simpiified design equation, 

= exp. [-LP (1 - ¾J)C ] 
D p A-t 

is derived in Appendix (A.l) 

To test the validity of applying this equation,wi th the 

restrictions stated, the impurity content of the enriched product was 

measured at various r.eflux r atios and the theoretical value of impurity 

content for those ratios calculated . The results are surru;iarised in 

Table (5.6) . 
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Variation in enriching section product purity 

with increasing reflux r atio (Lp'C) . 

• • 

• 

_____ minimum level of impurity 
associated wi th the crystal 
phase. 

0.75 1.00 1.50 
LE 

1. 75 C 

5 

F!G. (5. 7) 

Correlation of crystal phase impurity 

composition(£) with the stripped 

stream composition. 

• 

• 

• 

Y = 35000 p.p.m. 
F av. 

10 15 

(Y5- YF) (x10
3

) p•P•ffi• 
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D.S Reflux Ratio 
YE (Theoretical) YE (Measured) Percentage 

Run ¾ Difference 

25 0 .723 2617 3800 45 .0 

26 0.756 3428 4000 16.7 

31 0.902 2922 3250 11.0 

32 0.905 3585 4000 11.6 

33 0.992 5857 6200 5. 9 

34 0.904 4799 5250 9.6 

36 0.782 4020 5000 I 24.4 

38 0.731 2912 3500 20.2 

40 0.562 3031 4500 48. 5 

TABLE (5.6) 

Values of¾ for which Equation (3.60) is valid 

Constants used to calculate YE (Theoretical) in Equation (3.60) 

LP= 90 ems 

a = 0.265 

pA = 90 . 95 

Tl = 0.261 

YF = 35 ,000 p.p. m. 2 - 1 D::.:: 0.029 cm sec 

When ¾ «=l, then YE (Theoretical) and YE (Experimental) are very 

similar. When operating the column with little reflux, that is, 

maximising product, Equation (3 . 60) gives a good estimation of the 

impurity content of the enriched stream. 

(f) Impurity associated with the crystal phase 

In the development of the original model it was envisaged 

that impurity could be entrapped in the crystal matrix or exhibit 

slight solid solubility. The amount of i mpurity associated with the 

crystal phase is governed by the crystal growth kinetics which result 

from particular conditions in the freezing section. 
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The i mpurity composition in the crystal phase, E, can be 

calculated from the values of Yp, in the rearranged equation (3. 45) , 

£ = y p ( 0 - LE) + LE y E 

C 

The values of E were related to the composition of the 

freezing section, taken as the impurity content of the stripped 

mixed. 

r ates. 

This assumes that the freezing section is perfectly 

The values of£ were calculated for fixed conveyor rotation 

A plot of E .versus (Y3 - YF), FIG . (5 .7 ) , indicates that E 

does increase with YS. The E , (Y3 - YF) data exhibit a linear 

relationship. 

relation: 

A least square fit of the data gives the following 

In his work on Benzene/Cyclohexane , Henry( 43) concluded 

that such a linear dependence was to be expected if impuri ty was 

entrained as liquid inclusionso 

The dependence of Eon the stripped stream composition, Y3, 

imposes a restriction on the ultimate purity that can be achieved 

with the column crystalliser. The minimum value of YS occurs when 

the stripping section is flushed with feed material, that is: 

ys (min) = 

Such a condition would correspond to zero pr oduct r emoval. 

The minimum value of impurity associated with the crystal phase , 

E (min), corresponds to Y3(min). For the particular system under 

consideration equation (5.1) predicts that, 

YS(min) = YF' £(min) = 519 p. p. m. 

At typical levels of mother liquor concentration in the 

freezing section during e.n experimental run, equation (5.1) predicts 

the value of E( . )' for example 
I:ll.Il 

when YS = 45,000 p.p.m. E(ru.n) = 3820 p.p.m. 
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If we have complete washing of adhering liquid from the 

crystals, then the product impurity is determined by the crystal 

phase impurity. Therefore one would predict that i n the above case, 

the minimum level of product impurity is E(min), t hat is, 

£ (min) = = 3820 p . p.m. 

To produc·e material purer than E( . ) would require a min 

second pass through the crystalliser. 

The parameter controlling the impurity removal is t he reflux 

ratio ¾J· Examination of Fig. (5.6) illustrates t hat the product 

purity .reaches a limiting value as ¾J is decreased. Further 

reductions in~ do not improve product quality. I mpurities that 

can be removed by the washing process have reached a minimum and at 

this point YE 9 £ • 

when~ = 0.8 

From Fig. (5 . 6), 

= 3,400 p.p.m. ( g £ ) 

This value compares well with that predicted by equation (5 .1), 

for continuous column operation. 

When the column is operated a t Total Reflux, t he £ (YS) 

dependence infers that the base level of impurity should be greater 

since the mother liquor concentrations are significantly higher in the 

freezing section. At Total Reflux, the concentration profile is 

descr ibed by equation (3.58). 

y - £ -Z/ = exp. H<t> 
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Values of £ calculated for the Total Reflux runs are 

compared with the mother liquor composition in the freezing section. 

£ calculated P.P.m Ys (average conc11) YE base impuxi ty 

F/s p. p. m. p. p .m. 

8475 70,350 8500 

4379 68,825 4500 

5505 64,375 8000 

4500 60,500 4500 

TABLE (5.7) 

Calculated £ values for Total Reflux conditions 

There are insufficient Total Reflux experiments for a 

detailed analysis. However the £ (YS) dependence shows a similar 

trend to that observed for Continuous operations. The measured 

base impurity levels, YE' are of the same order as the calculated 

values for the crystal phase impurity. However these£ values, 

although towards the top of the range for crystal phase i mpuri ty in the 

Continuous operation, are not greatly in excess of them . It would 

appear that operating the column at Total Reflux does give rise to 

a slight increase in residual base impurity levels. 

The high value of¾ for the continuous runs, allows for 

reasonable levels of product draw-off without significant reduction 

in product purity. With the smaller columns previously investigated 

it was necessary to operate at much lower values of¾ (approximately 0 . 4) 

to achieve the maximum product purity. However the product purity 

achieved in the columns was greater than in the 100 m.m. diameter 

column, {or example, 

25 mm Dia. ¾ = 0 . 35 YE = 57 p. p .m. Ref(43) 

100 mm Dia. ¾: = 0 .80 YE = 3400 p . p .m. 
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It is apparent that the narrow bore columns are much more 

sensitive to product removal rates/washing efficiency than the 

column under investigation. Consequently there are no advantages 

from operating the 100 m. m. diameter column with high reflux return 

rates as the improvement in product quality is not realised. 

It would appear that there is a reduction in the washing 

efficiencies achieved as the diameter of the column is increased. 

The sensitivity of the smaller diameter columns to reflux ratio levels 

indicates that there is efficient contacting of the impure and pure 

phases. This is to be expected, since t he level of mixing must 

be higher by virtue of the column geometry. With the 100 m. m. 

dia.metercolumn, the working volume is increased and the potential 

for zones of low mixing to exist is high. This would be especially 

true when the column is operating with a densely packed crystal bed 

requiring the reflux liquid to diffuse through the packed crystal bed 

rather than be mixed with the crystals. In this situation it is not 

unreasonable to postulate that some of the adhering liquid will not be 

contacted by reflux liquid. 

The use of an Archimedean Screw for crystal transport 

produced low levels of mixing within the purification section of the 

column. Once the crystals were packed into a dense bed there was 

little chance for them to undergo physical movement as a result of 

rotation of the screw. At high screw speeds it was possible to 

observe the formation of a clear channel at the base of each screw 

flight as crystals were compacted under the influence of the 

rotational forces. A portion of reflux liquid ascending the column 

would do so by these channels, thereby giving rise to reduced 

contacting between the crystals and wash liquid. 
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(g) Screw conveyor modifications 

The function of the Archimedean Screw is to prevent the 

build- up of solid on the heat transfer surface and facilitate 

transport of the crystals out of the freezing section preventing 

screw sei zure. The use of this type of conveyor gives rise to 

engineering difficulties and is not amenable to scale up to larger 

uni ts. However it is necessary to use a transport device since it 

has been observed that crystal transport is not significantly 

influenced by gravity even when the crystal phase is denser than the 

liquid phase(l54)_ As a compromise the freezing section was fitted 

with the three bladed, scraped surface screw, illustrated in 

Fig. (4. 8) . This short screw was suspended in the freezing section 

from an overhead bearing eliminating the problems of driving a long 

screw in the column. 

In use ,.the short screw was easier to drive and several 

experimental runs were attempted, the column operating in 

configuration (B) . The initial cooling produced crystals as before 

and these were observed descending the column into the perspex 

purification section. A slight zone of turbulence was present just 

below the end of the screw flights. As the crystal mass increased 

it formed small aggregates of crystals which,due to buoyancy and 

thermal effects,ascended the column and formed a packed mass at the 

base of the freezing section. The turbulence in this portion of t he 

purification section was reduced and the cryst al leaving the freezing 

section had to displace this crystal plug down the column. This 

reduced the transport of the crystals from the freezing section , 

causing crystal hold-up and eventual column blockage. 

Variations in feed rate, screw speed and cooling rate did 

not improve the crystal transport. The feed position was reloca ted 

from the base of the freezing section to the hollow central shaft of 

the short screw, thereby increasing mixing in the fre ezing section. 
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Similar results were obtained. The metal screw was then assembled 

in the column with short sections of the nylon Archimedean Screw 

attached to the end, each one projecting further into the purification 

section. The column was operated at the same settings as for the 

previous experiments. Again the crystals were observed leaving the 

freezing section, travelling down the short lengths of attached screw 

and forming a crystal plug in the quiescent zone of the purification 

section. As the length of the attached screw increased, so the zone 

of crystal compaction moved down the purification section, resulting 

in the eventual blockage of t he freezing section, as before . 

It was not possible to operate the column for extended periods using 

any of the shorter screw conveyors. For successful crystal transport 

from the freezing section, through the purification section, a full

length screw was required. 

(h) Microscopic examination of the crystals 

By the nature of a continuous crystallisation process one 

does not produce a product of completely uniform size. The pr ocesses 

of nucleation, gr owth , dissolution, attrition, etc . give rise to a 

crystal product covering a range of sizes. It is not possible to measure 

or define absolutely the size of an irregular particle , so in order to 

characterise the product, one employs a size distri bution estimation . 

For the column crystall iser this was achieved using a photomicroscopy 

method. 

The mean crystal size was determined by statist ical 

calculation using the formula: 

-d = 2 fi di 
Iri 

This calculation of the mean crystal size is based on the 

number of crystals found by photomicroscopic examination. The value 

-ford can be expressed as the modal or median diameters ; both are 

determined from frequency plots (size interval ver sus number of 
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particles in each interval) . The modal diameter is the value at the 

peak of the frequency curve, whereas the median value divides the 

distribution equally. 

two diameters coincide. 

If the distribution curve is Gaussian, the 

In the cases where sieving of the produce is possible then 

other methods can be used ranging from a simple arithmetic mean to a 

value obtained on a weight basis. The root mean square diameter is 

often used when surface properties are important, according to 

Mullin(l40) the formula: 

d = rr:;;
Jr:-

n = fi = number of crystals 

-d = equivalent diameter of the crystals 

can be used provided certain assumptions for the crystals are made . 

There are numerous other methods available for estimating the 

"average" diameter but as yet no one technique is generally applicable. 

Therefore, all calculations based on an average diame t er are prone to 

error and it is necessary to specify how the values of d have been 

been calculated. 
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Using equation (5 . 3) the ice crystal s i ze wa s measured as a 

I 

function of screw speed, the column operating under continuous flow 

conditions. The effects of the screw speed a.re pr esented i n 

Fig. (5.8) and a photomicrograph of the ice crystals shown in 

Plate (5 . 3) . 

Sized 
(µm) 

105 

100 

95 

90 

85 

55 65 

• Number basis 

F = 5680 g/hr. av. 

LE = 1050 g/hr. 

C = o. 385 g/sec. 
av. 

75 85 95 105 115 
Screw speed (r. p.m.) 

FIG . (5.8) 

The effect of screw speed on crystal size under continuous flow 
conditions 

Whilst this is not an exhaustive study of the parameters 

effecting crystal size, it was found that the mean crystal size varied 

with the change in one of the important operating parame ter s, t he 

screw speed. 

to decrease. 

As the screw speed increased, so the si ze was found 

This is as expected s i nce an i n crease i n screw speed 

subjects the crystals to greater mixing with subsequent increase in 

attrition, that is, small corners and edges of the thin ice crystals 

were broken by increased crystal/crystal and crystal/crystalliser 
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contacts. Tbis is shown in the crystal photomicrograph Pla te (5.3). 

The crystal sizes were found to vary from 88 p.sn to 108 µ m • 

PLATE (5.3 ) 

Photomicrograph of ice crystals (x 100 MF, ) 
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(5.2) Ethanol Concentration 

The use of the colwnn crystalliser for the concentration of 

ethanol required that the samples be taken from the stripping 

section. With the column operating in configuration (B) this is 

from the feed point below the freezing section to the overflow 

point at the top of the freezing section. Normally the stripped 

stream would be a concentrated waste,however with this system it is 

the ethanol enriched product. It was hoped that the short screw 

conveyor tested in the desalination work (see section (5.1. g) ) 

would enable samples to be removed from the freezing section for 

analysis of the stripping section. However due to the problems 

encountered when using this modified screw,a full length nylon 

conveyor was used. 

The stripping section concentrations were measured for 

liquid entering and product leaving the section over a range of 

crystal production rates. 

(a) 

(b) 

(c) 

(d) 

(e) 

The variables investigated were: 

Screw speed for (i) High F 

(ii) Low F 

ZF = feed position 

LS = top product removal rate 

C = solids flow rate in the stripping 

Introduction of a liquid pulse 

The variables held constant: 

)over a range 
) 
)34 - 104 r . p . m. 
) 

section 

(a) YF = feed composition (lo% by wt I.M.S. in water ) 

(b) Freezing section, purification section, melting s ect ion 
lengths 

(c) F = feed rate 
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Mathematical Treatment of results 

The concentr ati on profile for the stripping section is 

described by equation 

y - y ____ P_ :::a 

Y"' - Yp 

(3.55) : 

- (Z - zp-1-
H exp. S 

where 'f P = ( c £ + 13 Ys) / (c + Ls) 

+ _a_(_1_+_a_) _c_
2
_ +_a __ 1s=--c] ( 3. 57) 

KaAp 

For a range of crystal production rates at fixed top 

pr oduct rate , 18 , a series of simultaneous equations were derived 

and solved for D and Ka values. Using these values, substituted 

in equation (3.57) , a theoretical val ue of HS was calculated which 

al l owed the concentr at ion of ethanol in the top product stream to be 

estimated and compared with the experimentally measured value. 

See Appendix (A.3) 

Calculated values for the colUlllil parameters were : 

Ka • 2.67 x 10- 4 

D = 0. 71 

-1 
sec 

2 - 1 
cm sec at 34 r . p.m. 

Both values show an increase in magnitude of approximately 

2 . 5 over those calculated for the desalination system. Hence we 

can expect both the diffusion down the column and mass transfer 

between the adhering and free liquids to determine the magnitude 

of the separation factor H5. 

Continuous Operation: Column configuration (B) 

The column was operated with the freezing section at t he 

top , the crystals produced being transported down through the 

purification section to the base melting section. From the 

concentration pr ofil es of the runs the various column parameters 

were calculated . A summary of the variables is presented in 

Table (5,8). the concentration profiles in Table (5.9). 
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Ethanol concentration I Experimental Results, Table {5.8) 

Run Feed rate Feed Distance of Top product Top product Base product Base product Crystal Screw 
Number 

(g/hr. ) 
composition feed point rate composition rate composition rate speed 
% EtOH by wt from freezing (ml/hr) (ml/hr) % EtOH by wt (g/sec) (r.p.m.) (ET) section (ems} % EtOH by wt 

l 4400 10.0 0.5 1030 16. 7 4020 6.7 0.324 34 
2 3400 10.5 0.5 3150 16.4 1025 2.6 0.342 34 
3 4300 9.0 0.5 1520 13.5 3:>00 6.3 0.367 34 
4 4000 11.0 0.5 880 15.4 3800 10.5 0.3~] 44 
5 3350 11.2 0.5 2700 12.8 970 3.3 0. 351 44 
6 4000 10.3 0.5 1100 15. 1 3650 9-6 0.336 54 
7 3400 11.1 0.5 3080 14.5 1060 9.5 0. 326 54 
8 3500 10.6 0.5 3070 14.5 1080 9.3 0.367 74 
9 4450 9.6 0.5 1090 12.0 4300 8.3 0.342 104 
10 3700 9.8 0.5 3090 13.l 1260 8.4 0.364 104 
11 4450 9.4 0.5 1480 12.6 3950 8.9 0.362 88 
12 4250 9. 8 0.5 1230 13.8 3980 8.5 0. 353 64 
13 3550 9.2 0.5 3060 12.9 1160 

. 
2.0 0.359 64 

14 3450 9.1 0.5 3000 11.9 1090 1. 7 0. 330 40 
15 4350 9.4 10.0 1270 13.2 3960 6.5 0. 397 34 
16 4250 9.5 20.0 1200 14. 2 3940 3.8 0.390 34 
17 4000 9.3 35.0 1120 16.2 3640 6 . 3 0.411 34 
18 4400 9.1 50.0 1410 16. 1 3880 13. 3 0.371 34 

19 4300 9.3 70.0 1250 15.8 3930 7.2 0.384 34 
0.5 470 15.9 4000 

I 

9.4 0.378 34 20 3750 9.1 

21 4500 9.1 0.5 2000 13.4 3570- 8.2 0.379 34 

22 4750 9. 6 0.5 2530 13. 6 3300 8.3 .Q.416 34 

23 4500 9.7 0.5 1440 13.6 3950 8.3 0.315 34 
24 4100 10.3 0.5 1730 13.6 3180 5.2 0. 201 34 

25 4450 9.5 0.5 1420 12.5 3930 7. 6 0.261 34 
26 4200 10.5 0.5 1470 12.1 3550 4. 0 0. 346 34 
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. 
Distance from 

the f eed point 

(ems. ) 

- 30. Q 

19.0 

39.0 

59.0 

79.0 

89.0 

108.0 

113. 0 

Et hanol concentration a Experimental Results Table (5.9) 

. . 

Concentr ation of Et hanol in t he Free Liqui d (% by wt) s Concentration Profil es 

ET 1 ET 2 ET 3 ET 4 ET 5 ET 6 ET 7 ET 8 ET 9 ET ·10 ET 11 ET 12 ET 13 ET 14 

Y:,. 7 16.4 13.5 )5. 4 12. 8 15. l 14.5 14.5 12.s 13. l 12. 6 13. 8 12. 9 11.9 

13. l 14 . 7 11. 4 13.1 12.2 12. 1 9.6 11.5 12. s 9. 4 11. 7 0. 0 8.5 10. 0 

12. 9 15. 4 12. 2 13.0 11.7 11. 1 8.8 11.3 11.3 8.4 11. 4 9. 3 8.5 9.7 

13. 0 12.2 8. 2 13. 1 11. 1 11. 2 8. 9 10. 6 10.9 7. 4 10.1 9. 4 7.6 7 .8 

12. 6 9.4 7. 9 12. 3 10. 4 10. 2 9. 5 9. 9 10. 5 7.7 10.2 8.9 6 .8 5.6 

,11.9 7. 0 6.7 12.2 8. 4 9. 3 8.9 9. 9 10. 3 8.2 8. 8 8.2 6.4 5. 2 

9. 7 3.3 6.3 10. 7 3.7 9. 9 8.9 9. 9 10. 3 8.4 8.3 8.0 3.0 1.8 

6.7 2.6 6.3 10.5 3.3 9.6 9. 5 9.3 8.3 8.4 s.9 8.5 2.0 1. 7 . 
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°' °' 

Di stance From 

t he feed point 

(ems. ) 

- 30.0 

19.0 

39. 0 

59.0 

7-9.0 

89.0 

108. 0 

113.0 

Et hanol concent ration• Exper i mental Results Table (5. 9) Continued 

Concent ration of Et hanol in the Free Liquid (% by wt) 1 Concentration Profil es 

-
ET 15 ET 16 ET 17 ET 18 ET 19 ET 20 ET 21 ET 22 ET 23 ::T 24 ET 25 ET 26 i-

13. 2 14. 2 16.2 16 . 1 15. 8 15.4 13.4 13.6 13.6 13.6 12. 5 12.1 Crystals 

10.1 10. 9 12. 3 11.1 10. 8 11.7 8.9 9. 2 10.1 11.9 11.6 10. 2 t ransport ed 

downward s. 
9. 6 12.1 ] 1.0 10.8 9. 9 11.9 7.2 9.6 11.1 11. 2 12. 0 9. 1 

11. 4 11.9 12.2 9.1 9. 5 11.0 6 . 6 8. 2 9. 8 9. 5 13.5 8. 1 Freezing 

10.6 8. 6 ll. 7 8. 7 9.4 10.3 6 . 3 8. 0 9.6 7. 7 10.0 9. 0 section 

8. 6 9. 3 ll. 7 8.7 5.5 8.6 5.4 7. 6 8. 8 5. 8 9. 9 5.5 at the top 

of column. 
6.5 4.7 8. 0 6 . 4 6 .1 8.3 5. 3 7.3 7. 3 4.3 6.8 4.5 Con f i gur at!!.•. 

6. 4 3.8 6.3 8. 3 1. 2 9.4 8. 2 8. 3 8. 3 5.2 7.6 4.0 (B) . 



    

          

           

            

           

            

            

           

             

               

             

          

             

     

         

           

          

           

          

           

            

    

           

         

          

          

          

            

           

           

          

(a) Screw speed (Figo 5.9) 

The ratio of the stripping section length to the enriching 

section length is 0.27, that is, it compromises the freezing section 

of the column. This section does not operate with a compacted bed 

as does the enriching section but with a crystal slurryo The 

stripping section will be more sensitive to the mass flow rates into 

and out of the section. The effects of the screw speed were 

investigated at the two extremes of flow conditions, that is,witb a 

high feed rate to the column together with a high base removal rate, 

and with a low feed rate to the column and a low base removal rate. 

In the first case the predominant flow is down the column, from the 

stripping section, the direction reversing for the second case giving 

a high value for L5• The value of Y5 depends upon the concentration 

of ethanol entering the stripping section. 

Operating with a high base product rate decreases the 

purification towards the top of the column, thus the liquid stream 

entering the ~tripping section is enriched in ethanol. When the 

column is operated with a low base product removal , the stripping 

section is flushed with liquid at the feed concentration. Also 

there is less opportunity for removal of adhering liquid from the 

crystals due to the reduced contact time for the wash liquid and 

crystals in the stripping section. 

As seen in Fig. (5 .9) a low screw speed gives similar 

ethanol concentrations in the top product stream. Under these 

conditions the diffusion and mass transfer effects are balancedo An 

increase in screw speed multiplies the diffusion effects with a 

reduction in the ethanol concentration of the top product stream. 

The initial rapid reduction for the low base product removal case is 

a result of the increased diffusion together with a reduction in 

washing efficiency as the crystals leave the stripping section at a 

greater rate. A further increase in screw speed improves the removal 
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of ethanol from the adhering liquid by free liquid thereby elevating 

the ethanol concentration of the free liq4id. 

(b) Feed position Fig. (5.10) 

The effect of moving the feed position down the purification 

section is shown in Fig. (5.10). This is effectively increasing the 

length of the stripping section approaching the system of the centre-

fed column. The ratio of stripping section length to enriching 

section length has increased progressively to 0.71. Previous work 

with the 50 mm diameter column has shown a reduction in ethanol 

concentration in the overhead product as the above ratio increased to 

0.67. This was caused by a reduction in washing efficiency as the 

purification section was shortened. An initial reduction in ethanol 

concentration was observed in the 100 mm diameter column, however as 

the feed point was moved down the purification section, it returned to 

its initial value. 

This demonstrates the reduced sensitivity of the larger 

column to the changes in internal flows. With the much reduced 

washing section length it was still possible to remove ethanol from the 

adhering liquid. However, as the feed position approached the base 

of the purification section, a slight upward trend of increased 

ethanol concentration in the base product was observed. That is, 

there was a slight reduction in the washing efficiency with increased 

ethanol diffusion down the column, into the melting section. 

(c) Top product removal rate Fig. (5.11) 

When the column is operated at a constant feed rate and 

fixed feed impurity level, the overhead or top product r ate is 

determined by the removal of base pr oduct. As we see from Fig. (5 . 11) 

operating with a hi gh base product removal rate gives the optimum 

ethanol enrichment in the top product. The reflux stream entering 

the stripping section has an increased ethanol content. As a result 

ffi9 
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of the low flow conditions in the section the crystals and ascending 

liquid stream have an increased contact time. The combination of the 

two maximises the ethanol enrichment in the overhead product. 

Reduction of the base product removal rate gives a corresponding 

increase in the overhead product rate,and a decrease in the ethanol 

content of the stream. For very low base product removal rates the 

stripping section is flushed with liquid at or very close to that of the 

feed stream to the column. 

(d) Crystal production rate Fig. (5.12) 

In tlie mathematical analysis of the stripping section, the 

crystal production appears as (c + LS) in the diffusion term and c2 

in the mass transfer term, that is: 

a(l + a) c2 
+ aLsC 

(c + Ls) Ka Ap 

As the crystal production increases there should be a 

reduction in the diffusion together with an increase in the mass 

transfer as predicted by equation (3.57). Here we are looking for 

large values of HS since these give rise to high values of Yin 

equation (3.55). This means the free liquid entering the stripping 

section is enriched in ethanol. As crystal production increases the 

ethanol concentration of the stripped stream should increase (since 

HS is increasing) and there is no theoretical limit to the cryst al 

production rate. 

This trend is observed in Fig. (5.12), the ethanol 

concentration increasing markedly above a crystal product ion rate of 

0 .300 g/sec. However the limiting factor to increased crystal 

production is the capacity of the refrigerant system to maintain these 

levels. This maximum was 0.342 g/sec., on a continuous basis, for the 

series of crystal production rate investigations. 
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(e) Effect of liquid pulsing on column performance 

Previous attempts had been made to use an oscillating 

motion coupled with the rotation of the screw conveyor. The screw 

was oscillated through a set distance, at a fixed frequency with the 

object of improving mass transfer,whilst not increasing the effects 

of axial diffusion. Mechanical oscillation of the 50 mm diameter 

screw(amplitude 6 mm, frequency 104 per minute) destroyed the 

concentration gradient in the column with diffusion of impurity down 

the column. The injection of a liquid pulse into the column had 

less severe effects,but the increased diffusion negated any 

improvement in washing efficiency. 

Mechanical oscillation of the 100 mm diameter screw was not 

investigated, however the effect of introducing a liquid pulse at the 

feed point was studied. This was achieved using a variable stroke 

length displacement pump. A comparison of concentration profiles 

for runs with and without pulsing are shown in Fig. (5.13). There 

was a reduction in ethanol concentration in the overhead product and 

a reduction in the ethanol concentration of the free liquid in the 

purification section. The use of a liquid pulse improved the 

washing of adhering impurity from the crystals without increasing the 

diffusion down the column. Operating the column in the conventional 

sense, that is, removal of most of the ethanol from the enriched 

product, the liquid pulse reduced impurity levels down the columh. 

However with the present system,this reduced the concentration of 

ethanol in the liquid entering the stripping section,with the 

subsequent reduction in its concentration in the overhead product. 

Generally it appears using columns with a small cross-sectional area, 

the adhering impure liquid can be successfully removed at the level 

of agitation generated from the use of a screw conveyor alone. 
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5.3 Waste Effluent Recovery 

Previous work had demon.strated that a column crystalliser was 

capable of producing a concentrated waste stream and a pure 

product stream when treating solutions containing a minimum 

number of species, for example Na:c1 in water. Applying column 

crystallisation to waste effluent recovery would allow assessment 

of its ability to handle a system containing a number of metal 

ions present in solution. Earlier attempts to produce a system 

for the continuous concentration of copper sulphate had not been 

successful due to problems with column blockage. The present 

system had a high sodium chloride concentration,thereby 

eliminating problems arising from the nucleation and growth of 

non-transportable crystals. 

All e~erimental runs were carried out under continuous operation, 

the same parameters being recorded as for runs in the 100mm. 

diameter column. The mathematical analysis used for the desalination 

work was applied to the 50mm diameter column. Over a range of 

crystal production rates equations (3.48) (3.49) and (3.54) were 

evaluated and the Diffusion, D, and Overall Mass Transfer terms, Ka, 

determined for the set operating conditions. 

The variables investi~ated were: 

(a) Screw speed 

(b) Increasing(~), moving the feed position down the column 

(c) LE= product flow rate 

(d) C = solids flow rate in the enriching section 
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The variables held constant were: 

(a) YF = feed composition 

(b) Freezing section, purification section, melting section lengths. 

Calculated values for the column parameters were: 

6 -3 Ka= 9.9 x 10 

D = 0.44 

-1 sec 

-1 cm sec at 60 rpm 

Over the range of crystal production rates investigated, the 

contribution of the values of D and Ka, in equation (3.48), in 

determining the separation achieved, indicates that the diffusion 

will be more important than the overall mass trans fer in establ ishing 

the impurity distribution in the column. In the 100mm diameter col umn, 

the values were such that the overall mass transfer term was domi nant, 

suggesting that diffusion down the column had little effect upon the 

final separation achieved. Operating the smaller column f or maximum 

separation required the supression of parameters promoting axial 

diffusion.whilst at the same time maintaining the removal of adhered 

impurity by washing. 

Continuous Operation: Column configuration (B) 

A summary of the experimental variables is presented in Table (5. 10) 

together with the relevant concentration profiles in Table (5.1 1) . 
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Run 

Number 

(WE) 

l 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

14 ' 

Feed 

Rate 

(g/hr.) 

1070 

1107 

1029 

1099 

1130 

1105 

1113 

1085 

1142 

1092 

1159 

1140 

1150 

1110 

Waste Effluent Recovery a Experimental Results · Table (5. IO) 

Feed Distance of Crystal Enriched Enriched Screw 
Composition feed point from Rate Product Product Speed 

(p.p.m.) n (g/sec.) Rate (g/hr.) Composition 
(r.p.m.) freezing sect-

(p. p.m. ) 

36000 0.5 (ems.) 0.11.a 3:>3 5000 52 

34500 0.5 II 0. 185 367 7000 60 

.34500 0.5 II 0.193 366 4500 76 

35500 0.5 II 0. 193 .362 4000 60 

35500 0.5 It 0.229 370 7000 100 

35500 o.s II 0.216 353 8500 120 

36000 0. 5 II 0 . 226 I 353 3500 60 

35000 6.0 II 0. 196 358 11000 60 

35000 18.0 II 0 . 202 357 12000 60 

36000 24.0 II 0. 203 359 17500 60 

35000 0.5 II 0 . 233 513 7500 60 

34500 0.5 II 0.277 664 12500 60 

34500 0.5 II 0.237 830 19500 60 

33500 o.s II 0.181 360 9500 60 



       

         

  

   

             

              

      

..... 
....J 
...J 

Distance 
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24.0 
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62.0 

Waste Effluent Recovery I Experimental Results Table (5.11) 

from Concentration of salts in the Free Liquid (p.p.m.) 1 Concentration Profiles (values x 103 ) 

point 

WE l WE 2 WE 3 WE 4 WE 5 WE 6 WE 7 WE 8 WE 9 WE 10 WE 11 WE 12 WE 1!3 WE 14 

47.5 47.5 52. 0 52.0 52.0 49.0 56.0 47. 0 47. 0 45.0 64.0 68.0 68.0 45.5 

24.5 27. 5 23.5 27.0 23.5 23. 0 27.0 27. 0 31.0 24.5 23.0 31.0 31.5 24.0 

17.5 17.5 16.5 22.5 20. 0 16.0 18.0 21.0 29.0 24. 5 13.5 27 . 0 24. 0 17. 5 

12.5 12.5 7. 0 11. 5 12. 5 12. 5 7. 5 15.0 18.5 20.0 10. 5 16.5 22.5 17.5 

5. 0 7 . 0 4.5 4.0 7. 0 8.5 3. 5 11 . 0 12.0 17.5 7.5 12.5 19. 5 9. 5 

Freezing section at the top of the col umn (configuration B) 

Runs WE! to WE14 Crystals transported downwards 



          

          

          

          

          

      

      
    

 

      

           

        

          

          

          

           

          

            

          

         

           

         

A comparative analysis for the column operating at low product 

removal rate with a : high crystal production rate is presented 

in Table (5.12). The concentration of the various metals being 

determined by A.A.S. The concentrations of metal ions in the 

product are very low and are comparable to those obtained by 

(12) . Campbell and Emmerman using a S.R.F process. 

Element Concentration in Concentration in Percent 
Feed 111g/L Product mg/L removal 

Nickel 101 0.58 99.43 

Chromium 99 0.10 99.89 

Cadmium 113 0.16 99.86 

Zinc 178 0.98 99.45 

Iron 129 0.25 99.81 

Table (5.12) Metal ion separation test results 

Notes: The impurity content of the product stream was 150 mg/L, 

determined from conductivity measurements, hence the major impurity 

in the product stream was Eodium chloride. This corresponded to 

an average removal level of 99 percent, the sodium chloride 

concentration being taken as the difference in the product analysis above. 

The5e low levels of impurity are obtained only under carefully controlled 

conditions, these being determined by the screw speed, crystal r ate , 

and base product removal rate. Generally the level of impurity in the 

base product is much higher, approximately 3500 mg/L, allowing easier 

operation of the column under continuous conditions for extended 

periods. To obtain these low levels in a practical system would 

require the use of multiple pass or a cascade system. 
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(a) Screw Speed 

The speed of rotation of the screw was investigated over the range 

of 50 to 120 rpm. The screw speed determines the level of mixing, 

within the column, hence at low screw speed, agitation is less than 

at the higher screw speeds. For this system, where the diffusion is 

expected to be the controlling factor limiting the separation, greater 

screw speeds will increase mixing and transport of solid material down 

the column,with the resultant increase in axial diffusion of impurity. 

This effect is observed in Fig (5.14) where minimum impurity levels 

are obtained at 60 rpm. Below this value the slight increase in 

impurity is due to a reduction in washing efficiency which is to be 

expected with the lower levels of agitation. However as the screw 

speed is increased up to 120 rpm, the impurity levels in the product 

stream rise,due to the diffusion of impurity down the column. The 

overall mass transfer rate does not increase correspondingly hence 
' 

an increase in impurity associated with the crystal phase. 

(b) Feed Position 

The influence of feed position on product quality is shown in Fig (5.15). 

The effect of increasing ZF is to increase the impurity in the product . 

This behaviour is predicted by equation (3.54) which describes the 

concentration profiles in the enriching section. As with the 100 mm 

diameter column the best separations were achieved with ZF at a 

minimum, any increase in this value reducingthe length of the enriching 

section. This has two consequences, the purification sectio~ length 

is effectively reduced decreasing washing capacity and efficiency and 
' ' 

axial diffusion exerts a greater effect upon the concentration 

gradient in the enriching section. The immediate increase in impurity 

of the product demonstrates how much more sensitive is the 50 mm diameter 

column to changes in operating conditions. 
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(c) Product removal rate 

The impurity level of the product is governed by the quantity of 

adhered impurity associated with the crystals after their passage 

through the purification section. The driving force for impurity 

removal is the concentration difference between the stream of free 

liquid and the layer of adhered impure liquid around the crystals. 

This has been expressed as the quantity of reflux liquid returned to 

the column, and it has been shown that for the 100mm diameter column, 

base product removal rates could be high without significant reduction 

in product purity. However the ultimate purity of product was 

correspondingly low. This was attributed to the lower levels of 

mixing and reduced contacting of reflux liquid in the column. A 

comparison with the 50mm diameter column showed how much more effective 

were the mass transfer processe~ hence the rapid response of the 

column to changes in operating conditions. 

Examination of Fig (5.16) shows the effect of increasing the enriched 

product removal rate on the impurity level of the product. As the 

value of 1'E increases,there is a corresponding increase in YE. This 

increase is predicted from equation (3.48} As the magnitude of (C- 1'E) 

decreases there is an upward trend in the HE values which corresponds 

to a reduction in the separation achieved. Removing more product 

reduces the quantity of reflux liquid in the column (RE= Lr/C) which 

adversely affects the washing efficiency. When ½;»LS there is an 

increased flow through the enriching section (co-current with and in 

the direction of crystal transportation), hence an increase in the 

impurity by axial diffusion down the column. For a base product 

removal rate of 830 g/hr, the product purity is only reduced to two 

thi rds of the feed impurity. 
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(d) Crystal production rate 

The effects of increasing crystal production rates have been previously 

discussed in the desalination system. Here the 100mm diameter column 

operated over a range of C = 0.396 to 0.527 g/sec. With the present 

study the effective working range was found to be 0.181 to 0.225 g/sec. 

comparable to those measured for the desalination system investigated 

in earlier work on the column. The experimental results are presented 

in Fig (5.17), a point to note is the levelling from 0.200 g/sec to 

0.225 g/sec. Reduction in impurity over this range is only 750 mg/L. 

Operating the column at crystal production rates in excess of 0.225 g/sec 

made column operatjon for extended periods unstable, that is, column 

blockage in the freezing sectionoecurred. This tailing off in impurity 

removal can be explained in terms of reduced washing efficiency. The 

more crystals produced,the more compacted is the crystal bed. Contacting 

of the reflux liquid with adhered impure liquid is subject to rate 

controlling diffusion processes. 
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(5.4) Heavy Water Regeneration 

Previous work with the water: heavy water system had shown the 

necessity for using a crystal modifier to produce crystals that could 

be transported with the screw conveyor. Introduction of a third 

component into the system made the analysis of the component concentrations 

more difficult. Ethanol was used in the experimental runs since it 

wasaisciblewith the aqueous components,and it was possible to remove 

it from the product streams during crystallisation. This gave a product 

stream, ethanol-free,and a waste stream enriched in ethanol. The 

initial analytical technique required the accurate weighing of 10 mls 

of the feed, base and top products. It was not possible to sample the length 

of the column and obtain a concentration profile. However it was 

calculated that an upgrading of the heavy water concentration from 

7% to 80% was possible at a screw speed of 60 rpm. 

Using the calculating digital density meter it was possible to remove 

samples along the whole length of the column and obtain an accurate 

density measurement to four places of decimal. Since this technique 

was more accurate and reproducable than a simple weighing of a sample 

it was possible to monitor the changes in density down the column 
' 

whilst varying different operational parameters. The problems 

associated with the variation in ethanol concentration along the 

column were discussed in section 4.5 (d), the correlation between the 

percentage of ethanol in the mixture and the density of the mixture 

is shown in fig (5.18). For the prepared standard solutions the 

percentage of heavy water was maintained as close to 79 . 5% as was 

possible, the variations being the ratio of water to ethanol. 
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On the same graph is plotted a series of feed stock solutions used 

in the experimental runs. In this case the percentage of heavy water 

in the mixture averaged 79.9% hence the higher density readings , 
observed for the same ethanol concentration. Extrapolation of this 

line back to zero ethanol concentration gives the density readings we 
' 

should obtain if the removed ethanol was replaced by water, there 

being no increase in the heavy water concentration. Density values 

recorded for experimental runs, where the feed concentration of 

heavy water was in the range 79._5% to 79.9%, exceeded the predicted 

values,showing there had been a slight enrichment in the heavy water 

component. 

% Ethanol 

(by wt.) 

4.0 

3.0 

2.0 

1.0 

0 

1.0680 1.0780 

Fig (5.18) 

Prepared standard 

solutions o
2
o % = 79.5 av. 

A ~ Feedstock solutions 

used in the experimental runs 

D2b % - 19. 9 av. 

1.0880 

Density readings 

Correlation of ethanol concentration of the mixture 
with the density of the mixture 
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Optimisation of the heavy water: water system was carried out as with 

previous investigations, the main operational parameters varied beingi 

screw speed, feed point location, changes i n reflux ratio and crystal 

production rates. 

A mathematical treatment of the results was not possible because the 

concentration gradients were such that there was little enrichment 

of n
2
o above the feed concentration. The maximum increase recorded 

was 2. 32% for C = 0.254 g/sec and screw speed= 60 rpm. The 

variation in the concentration of the three streams is shown below, 

a typical concentration gradient being: 

Component Top Product (Y5) Feed Stream (YF) Base Product 
(% by wt) (% by wt) (% by wt) 

16.2 17. 2 18.4 

79.2 79.6 81 .4 

4.58 2.88 0. 20 

Table (5.13) Heavy water concentration profile 

(YE) 

A full summary of the experimental parameters is presented in Table (5.14). 

Within small variations in the heavy water enrichment the following trends 

were observed. 

(a) Screw Speed Maximum enrichment of the heavy water occurred at a 

screw speed of 60 rpm as shown in Fig (5.19), a similar trend being 

observed in the earlier work. This maximisation of column performance 

at 60 rpm was also recorded for the Waste Effluent regeneration work, 

the minimum levels of impurity being achieved at this point. The 

ethanol does not freeze out and is discharged, elevated in concentration 

in the overhead product. This allows a small fraction of the heavy 
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Hea:£i: Water Regeneration s ExQerimental Results Table (5.14) 

Run Feed comp2 ~ed Feed Enriched Enriched Crystal Screw 
% ETOH > •• - n 

N2 
point rate product comp- rate speed 

%D O by wt ZF ems (g/hr) (g/hr) % by wt (g/sec) (rpm) 
2 > 

1 3,.01 0.5 970 230 0.67 I 52 
_79.98 81.43 

2 4.14 0.5 1024 221 0. 03 0.254 60 -
79.63 81.95 

3 2.64 0.5 950 218 0.04 I 66 
84. 80 87.07 

4 2.93 0.5 1018 224 0. 09 I 75 
79.86 81.99 

5 2.59 0.5 989 255 0. 03 I 90 
79.39 81. 21 

6 2.86 0.5 1002 225 0. 08 I 120 
79.74 81. 29 

7 2.96 6.5 1051 261 0.25 I 60 
80.11 81.55 

8 3.13 12.5 1114 269 0.37 I 60 
79.99 81.49 

9 2.84 18.5 1029 251 0.21 I 60 
79.70 81.43 

10 4.10 0.5 1115 280 0.25 0.190 60 
79.62 81.72 

11 4. 07 0.5 963 228 0.09 0 .214 60 
80.02 81. 99 

12 4.52 0.5 1005 213 0.21 0.190 60 
79. 93 81. 74 

13 3.95 0.5 1063 302 0.88 0.189 60 
79.10 81.54 

14 4.14 0.5 1040 166 o.os I 60 
79.65 81. 22 

. 15 2.83 0.5 1018 238 0.04 0.159 60 
79.41 80.86 

16 I• 2.81 0.5 930 196 0.32 0.140 60 
85.23 85.42 
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water to crystallise and be transported out of the freezing section 

together with water and ethanol impurity. As the crystals descend the 

column,the impurity level is reduced, the product being recovered 

essentially ethanol-free. As the screw speed is increased, the 

residence time for the crystals in the freezing section is reduced 

with the resultant decrease in heavy water concentration. 

(b) Feed point variation The best upgrading of heavy water was 

achieved with the feed point located as close to the freezing section 

as possible. Fig (5.20) shows the rapid decrease in enrichment as 

the feed position is moved down the column. However the reduction 

in the final product· concentration of heavy water was less than 0.7% 

of the highest concentration recorded. 

(c) Product ratio (Fig (5.21)) 

Operating the column at constant feed rate whilst increasing the 

take-off of base product,produced the highest levels of heavy 

water enrichment. This is the reverse of the trends observed with 

the other systems investigated, where an increase in¼; produced a 

conresponding increase in YE. The variation in heavy water upgrading 

over the range of base product removal rates investigated was 
' 

approximately 0.9%. 

(d) Crystai production rate Fig (5.22) 

There was an initial rapid rise in the percentage increase of 

heavy water, this corresponding to a rapid reduction in impurity 

levels of the base product observed with the other systems. 

However once a crystal mass had been formed in the column,C )0.16 g/sec 

an elevation of only 1% was observed up to a crystal rate of 

C = 0.26 g/sec. 
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Chapter 6 

General Discussion 

(6.1) Effects of diffusion and mass transfer 

The application of continuous column crystallisation to several 

aqueous systems was studied with a view to elucidating the 

dominating factors controlling column performance. A mathematical 

model has been utilised to give a comparison between experimental 

results and theoretical results generated from the model. The 

two parameters determining the separations achieved within the 

column, are the Axial Diffusion (D) and the Overall Mass Transfer 

rate (Ka). These two terms have been incorporated into1he model, 

together with experimentally determined parameters, to give a 

final equation describing the separating power of the column 

(8E and H8). Calculating values for these two coefficients 

from experimental measurements allows subsequent theoretical 

evaluations to be carried out. From the series of experiments 

the values • of D and Ka calculated have been used to generate 

theoretical concentration profiles and separation factors 

(See Appendices A2, A3, A4). This has allowed a comparison 

between the experimental results ana the theoretical calculations. 

The column process has been investigated in two modes, that is, 

to produce a low impurity enriched product (Desalination) and 

a concentrated, recovered product (Ethanol concentration). In 

the former this has required the suppression of diffusion down 

the column with maximisation of mass transfer between the adhering 

and reflux liquid. In the latter it is neceesary to have the 

highest ethanol concentration possible entering the stripping 

section. Calculating the Diffusion and Mass Transfer Coefficients 
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gives an indicati on of which effect is predomina.nt in the different 

systems. Several workers (52, 39, 42, 151, 153) have carried out 

somewhat similar analyses and their results are compared with those 

f or the present studies. These are presented below in Table (6.1) . 

Column Screw 
Speed 
(r.p.m) 

Moyers( 52) 120 
(Dense-Bed Crystalliser) 

Ri tter <52) 
(Count er curr ent ice -
wash column) 

Alberti ns (39) 

(Spi ral conveyor-Total 59 
Reflux) 

Gates <42) 
(Spi ral conveyor) 60 

Cut ts & Well s <151 ) 60 .. 
(Spir al conveyor) 90 .. 

50mm Column <153) 60·· 
(Spir al Convey~) 60T 

Desalination ( 60 
100 

100 mm Column 34 T 
(Spiral conveyor) ( 60 
Desalination 100 

•• Benzene/Cyclohexane system 
Ethanol/Water system T 

Diffusion 
D (cm2 5 - 1) 

0.20 - 0. 30 

0 . 025 - 0.17 

1.6 - 3.5 

1.3 - 1. 7 

0.25 
0.63 

0.56 
1.24 
0.16 
0.02 

0. 71 
0. 03 
0.03 

Table (6.1) 

Overall Mass 
Transfer Ka (s-1) 

Uses a non- extractive 
washing model. No 
Mass Transfer term. 

-

1.9 X 10 - 4 

0. 075- 0.64 X 10- 3 

0.26 X 10-2 

0.o6 X 10-2 

-2 0.17 X 10 3 0.74 X 10-4 
5.56 X 10- 4 
0.60 X 10-

-3 0 . 27 X 10_4 
1.09 X 10_4 
1.07 X 10 

A comparison of Diffusion and Mass Transfer coefficients 
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Previous work with packed extraction columns permits some general 

observations on the measurement of Ma.as Transfer coefficients to be 

made. Normally these cannot be predicted due to the complex now 

patterns of the two phases, experimental data must be collected for 

each packing, as the packing itself plays an important role in 

determining the phase now patters. Some of the inconsistencies 

often encountered with mass transfer data in packed columns is due 

to the manner in which the data were collected. In small diameter 

laboratory columns, uniform packing is not always achieved,especially 

when the packing is a significant fraction of the column diameter. 

This leads to preferential flow of phases, channelling, and gives rise 

to incomplete contacting of the phases. In large diameter columns it 

is extremely important to have the entering liquid phase uniformly 

distributed across the packing at the top of the column. 

Maldistribution of liquid can severely reduce the mass transfer rate 

because the two phases are not adequately contacted. Also if the 

packing is not carefully installed, there may be variations in void 

volume, which will encourage channelling or bypassing by the phase. 

To a greater or lesser extent these problems will exist in a packed 

crystallisation column, the situation being more complicated in that 

there is a liquid phase in contact with a mobile solid phase. 

The factors which influence the mass transfer rate can be summarised 

as follows: 

1. The chemical system, the concentration of components_, physical 
properties of liquids, solids. 

2. Total now rate of liquids through the column. 

3. The ratio of liquid flows. 

4. Which phase is continuous or dispersed. 

5. The direction of transfer - from aqueous to organic, dispersed 
to continuous or reverse. 
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6. The materials of construction and its wetting characteristics. 

7. The nature, whether rotary or pulsing, and intensity, whether fast 
or slow, of mechanical agitation, if any. 

8. Size and size distribution of solid phase (crystals) or dispersed 
phase (droplets). 

9. Phase hold-up. 

10. Intrastage recycling of liquids. 

11. End effects. 

12. Axial mixing, or backmixing. 

Only the over.all mass transfer coefficients have been measured (K), 

these are made up of the individual phase coefficients, which are 

difficult to determine separately. Since it is also difficult to 

determine the interfacial area per unit volume, this has been considered 

in conjunction with the mass transfer coefficient.(Ka). Relating this 

to the crystallisation column, two parameters affecting the Diffusion 

and Overall Mass Transfer are the screw speed and crystal production 

rate. They control the extent of axial dispersion in the reflux 

liquid and the efficiency of impurity removal from the crystals. 

Increasing the screw ppeed produces higher levels of agitation within 

the column resulting in an increase in impurity dispersion. Reducing 

crystal production gives a less compacted crystal bed, that is, the 

slurry viscosity is reduced allowing easier transport of impurity along 

the column. A combination of the two extemes tends to destroy the 

concentration gradient in the column. This trend is observed in the 

previous table, the high values for D being obtained in systems where 

the spiral conveyor was rotated and oscillated (39) (42) For 

systems using conveyor rotation only similar values were obtained for 

both coefficients in the same systems. 
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Comparing the 50mm and 100mm columns for ethanol concentration, the 

larger column showed a reduction of approximately half for both 

coefficients. This is expected, due to the larger working volume 

of the column, the lower levels of agitation for the same screw 

speed, and the less efficient washing action resulting from 

operating the column with a great solids production capacity. For 

the 50mm column, operating continuously with the desalination system, 

at a screw speed of 60 r.p.m, the fit between experimental and 

theoretical concentration profiles,~calculated from the D and Ka 

values,was good. However, as the screw speed was increased to 

100 r.p.m, the diffusional effects were reduced due to agglomeration 

of the crystals, which was also reflected in a reduction in the 

ma~s transfer between the adhering and free liquid. This is 

consistent with a reduction in crystal size observed in the larger 

column, for the desalination system. It is easier to remove impurity 

from larger crystals, the crystals having less tendency to pack 

tightly together, hence the muoh higher value for Ka at the lower 

screw speed. 

Comparison with the values for the 100mm column, shows that the 

screw speed affects equally the axial dispersion and mass transfer 

processes. Both D and Ka values, for desalination, are lower than 

those for the other column, D being similar in magnitude to values 

obtained by Ritter for a countercurrent ice wash column. A 

comparison of the contribution of the diffusional group D p AT) 

and mass transfer groups a (a+1 )/KaA p and a/KaA p for now 

rate data (C,¾J) at the two screw speeds showed the following trend: 
' 

At 60 rpm 

At 100 rpm 

Diffusional group 
II " 
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Thus we would expect the mass transfer to be dominant in determining 

the separation factor(~), the diffusion becoming more important as 

the screw speed increased. In the more agitated columns the average 

f 10,..,(43) • d. t· .al contribution of the mass trans er term was UJO , in ica ing axi 

diffusion as the dominant effect determining the separation factor. 

In the experimental work undertaken, a range of operating paraineters 

have been studied allowing comparisons to be made between different 

chemical systems and the effects of increasing column size. The 

experimental observations together with a mathematical analysis 

have shown the optimum operating conditions for maximum separation. 

Several key parameters were identified, in chapter (5) they were 

discussed for individual systems and columns. Now it is necessary 

to make comparisons of the parameters and their effects generally 

on column performance. 

(6.2) Screw Speed 

For the different systems and columns, a range of screw speeds 

between 40-120rpm was studied. Previous work(153) on the 50mm 

column had shown that minimum levels of product impurity (or 

concentration improvement for ethanol) were achieved at 60rpm. It 

was concluded that at 60rpm (a slope of zero, FIG (5.2)(5.14)) the 

diffusion and mass transfer effects were balanced. This trend was 

observed in the mixed metal salts separation tests. However the 

levels of impurity in the product were higher than those obtained 

for desalination. Above this screw speed, the positive slope of 

the curve indicated that the diffusional effects dominated. 
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Study of the desalination system in the 100mm column produced differ ent 

results. The extremes of product impurity over the screw speed range 

was 2-5 (x10 3 ppm) compared with o.8-7 (x103 ppm) for the smaller 

column, the peak impurity arising at 80 rpm as in the 50mm system, 

but reducing only slightly through 60 rpm down to the minimum level 

at 52 rp~. This reflects the reduced response of the larger system, 

in its behaviour to the change of a parameter. Over this portion 

of the curve the mass transfer should be enhanced over the diffusion 

of impurity along the column~ This is observed in the 50mm column 

as a rapid change in product impurity, whereas in the 100mm column, 

the washing efficiency being much reduced, giving a progressive 

response to increasing screw speed. When the screw speed reached 100 rpm 

the same product impurity levels as 60rpm were recorded, however the 

difference in the impurity levels at the two screw speeds was greater. 

At the greater screw speed and crystal production rate, the smaller 

crystals being produced, packed into a more dense-bed arrangem~nt, 

making it harder for axial dispersion within the free liquid to occur. 

A brief study(155) was made to investigate the effects of screw speed 

on base composition for the desalination system operating at Total 

Reflux. As screw speed was increased from 40 - 120 rpm, there was a 

minimum impurity level at 80 rpm, of a similar magnitude t o that 

obtained for continuous operation. For similar s crew speeds it was 

found that the impurity levels at the base of the column were 

significantly higher. This is to be expected since impurity levels 

in the stripping section are much higher giving greater amounts of 

impurity associated with the crystals. Axial dispersion of impurity 

is greater and it provides a more stringent test of the washing 

efficiency. 
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Comparing the two columns and the effect of screw speed on ethanol 

concentration, a different trend is observed. Ethanol enrichment 

in the 15 stream is maximised at 60 rpm, it being reduced at screw 

speeds above or below this in the smaller column.the trend for the 

larger column being a gradual reduction in top product concentration 

with increasing screw speed. The difference between the two 

extremes of now for this column demonstrated the increased 

sensitivity of the stripping section to hydrodynamic considerations. 

This is to be expected if a comparison of the r atios of lengths of 

the stripping section: enriching section for the columns is made. 

For the 50 mm column it is o.42 and for the 100mm column 0.27. Best 

results for the larger column are obtained at low screw speeds when 

the stripping section is being gently agitated and the take-off at 

the base(½;) is high, giving reduced now into the stripping section. 

(6.3) Crystal Production Rate 

Equation (3.54) Y-Yp 
= exp. 

describes the concentration profile in the column; at high levels of 

impurity removal, the value of Y is small. This is governed by the 

other terms, for a constant Y~ and Yp then a small value of~, Zr 
and a high value of Z will give the lower value of Y. The values of 

~ and Z are dependent upon the equipment, the value of 8E being 

determined by equation (3.48). Terms held constant in this equation 

are p,A, T) and a ; therefore at a set screw speed and product 

removal rate,½;, the value of~ is governed by C, D and Ka. As C 

increases, the term 1/(C-1'E) decreases, but a(1+a)c2-a½;C /KaAp 

increases, other factors remaining constant. At low values of c, the 

contribution of the diffusional group, in equation (3.48), to the 
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separation factor, is greater. Increased transport of impurity down 

the column is predicted. The squared (C) in the second term ensures 

that the mass transfer group will assume greater importance as the 

crystal rate is increased. The limit of crystal producti~n is 

reached when column blockage occurs. There is an optimum crystal 

rate for each system and operating conditions which gives a minimum 

value for the sepa»ation factor~-

A comparison of the effects of crystal production rate in the desalination 

system for the two columns, showed a reducing impurity level of the 

product for increasing values of crystal production. Both columns 

responded in a similar manner to solids flow, that is, the build up 

of a crystal slurry in the column. Efficient column operation requires 

effective washing of impurity from the crystals. If the crystals are 

present in a highly mobile slurry, then it is difficult for the reflux 

liquid to ascend the column in a uniform manner and it is much easier 

for impure liquid to be carried down the column. Operating the columns 

with packed beds improved the washing potential (c.f. the work on S.R.F 

desalination and pressurised counterwashers); however, a limit of crystal 

production was reached when bed density was so great that reflux liquid 

could no longer penetrate the crystal mass. For the 50mm column, a 

practical maximum value of C was 0.20 g/sec, and for the 100mm column 

C was 0.53 g/-sec. Operating the 100mm column at values of C greater 

than this caused frequent blockage of the column to occur. This f all

off in separation is demonstrated in the waste efflucent recovery 

work on the 50mm column. Extending the crystal production rate, under 

carefully controlled conditions, to a maximum of C = 0. 23 g/sec, 

produced no improvement in base impurity levels over those obta ined at 

C = 0.20 g/sec. Carrying out similar investigations on t he 100mm 

(155) column at Total Reflux, showed exactly the s ame t r end as when the 

column was operated continuously. The range of impurity measured at 

199 



           

       

           

          

          

            

         

         

          

           

        

          

           

         

            

           

           

         

            

            

            

          

           

      

         

          

the base vas much greater, the crystal production rate spanning a 

range of C = 0.30 to 0.35 g/sec. 

A comparison of the effects of crystal production rate on the 

performance of the stripping section is provided with the ethanol 

water system. In the modified form, the equation describing the - -
1 separation factor H5 , (3.57) has C in the form /(C+L5) and a 

squared term in the mass transfer group. Increasing crystal 

production gives a subsequent increase in H5 , hence the 

concentration of ethanol in the stripped stream is raised. Since 

there is no theoretical limit to the magnitude of H5 , ethanol 

enrichment should continue to increase as crystal production 

increases. This was observed in both columns, the lfmiting factor 

being the capacity of the cooling system to handle the increased load. 

(6.4) Continuous column operation has been carried out, locating 

the feed point as near to the freezing section as possible. In 

the systems where the base product was required with minimum impurity, 

this proved to be the optimum location for the 50mm column. 

Examination of the experimental curves indicated that separation may 

be improved by feeding into the freezing section. To this end the 

100mm column was fitted with a modified screw section in the freezing 

section, it being possible to accomplish this by feeding down a hollow 

central shaft, feed exit being provided at different locations down 

the shaft. Since the modified screw did not perform successfully, it 

was not possible to confirm this point. 

Operating the columns for product concentration showed different trends. 

In the smaller column, a gradual reduction in ethanol concentration was 
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observed, while for the larger an initial fall in concentration was 

soon reversed as the feed point moved down the purification section. 

'l'hia·increase in the value of ZF effectively increased the length 

of the stripping section, also the imj,urity content of the free 

liquid in the column was higher, the rapid upturn in impurity 

levels occurring at or near the feed point. This effectively 

increased the concentration of ethanol into the stripping section. 

(6.S) Another important parameter controlling column performance 

is product removal rate. Tb.is together with the crystal production 

rate controls the quantity of reflux (washing) liquid returned to 

the column. A comparison of the two columns with the desalination 

system <51 ) showed that as the ratio of product to feed (1EfF} was 

reduced the concentration of sodium chloride in the enriched system 

was reduced. Projection of the curve to zero indicated the limiting 

concentration of the impurity the product would contain. This is to 

be expected, since reducing product removal gives a corresponding 

increa.ae in washing potential, with the extra reflux liquid generated. 

In the case of ethanol where the concentration of the top product is 

to be maximised, then it is required that the reflux liquid carries 

the highest ethanol concentration into the stripping section. This 

can be achieved by increasing the contact time between the reflux 

liquid and adhering liquid, that is, a low flow of free liquid along 

the column is required. Since L8 is determined by½:, this can be 

achieved by increasing base stream removal rate. Generally, operating 

the columns at low product removal rates(½: or 15 ) will increase the 

purity (desalination, waste effluent recovery} or increase concentration 

(ethanol/water) of the product stream. 
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Chapter 7 Conclusions 

Continuous column crystallisation has been shown to be an efficient 

separation technique suitable for processing a variety of aqueous 

and organic eutectic forming mixtures. The system appears viable 

for relatively small scale production,·of high purity crystals from 

eutectic systems. Efficient use of the column depends on the 

optimisation of important process parameters. These investigations 

have confirmed spiral rotation rate, crystal production rate and 

product removal rate to be the dominant parameters controlling the 

final impurity levels of the product. 

The aim of the work was to construct a working continuous column 

crystalliser of a size comparable to a small scale industrial process. 

This has been achieved, the initial design being based upon operating 

experience gained with the small scale column. A study of equivalent 

systems on each column has enabled comparisons ·on the effects of scale 

up to be made, giving further understanding of the purification 

mechanism in the column. The important processes of mass transfer, 

axial diffusion and their effects on column performance have been 

investigated. Calculation of the coefficients has enabled the present 

study and the investigations of other workers to be compared. 

The theoretical aspects of the study have been directed towards the 

continued development of a mathematical model. Ultimately the model 

would be used as a design equation, predicting column performance under 

various process conditions. The early work of Henry<43) with the 

benzene/cyclohexane system concluded that the model provided a good fit 

of his data when the axial dispersion and mass transfer, together with 

an estimation of the impurity associated with the crystal phase, was 
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used to describe column performance. The results obtained in the present 

study confirmed that these parameters, when incorporated into a 

mathematical model, described the purification mechanism adequately. 

A basic design equation has not yet been developed, however we have 

gained further insight into the mechanism of purification, which 

predominates under given conditions. Henry concluded that axial 

dispersion was the dominant mechanism limiting separation for continuous 

now operation. The present studies showed a reversal in this dominance. 

Increasing column diameter to 50mm and working volume to one litre, 

showed the mass transfer to be of comparable importance to the axial 

dispersion in determining the separation. A further increase in diameter 

to 100mm and working volume to nine litres showed the mass transfer 

to be the dominant process limiting separation. As a consequence of 

increasing column size, the magnitude of the coefficients is reduced. 

In practical terms the larger column is less affected by diffusional 

effects but the washing of adhering impure liquid from the crystals 

is less efficient and complete. Hence the impurity levels of the 

product were higher for the larger column, at the increased throughput 

obtained. The production of very pure material would require the 

cascade operation of two columns. 

A comparison of the experimental data and that generated from the 

mathematical model (see Appendix A2,3,4) showed a good fit, for 

experimental and theoretical concentration profiles for both columns. 

This was especially so at a screw speed of 60 r.p.m,therefore it is 

possible to use the calculated values of (D) and (Ka),to calculate 

the concentration profiles for other values of crystal production rate. 

A transport of impurity into the purification section, not reflected 

in the theoretical concentration profile, was observed in the 100mm 

column as the screw speed reached 100 r.p.m. The effect was more 

203 



         

           

         

            

 

           

        

         

          

            

          

          

            

           

          

           

            

           

          

            

           

           

            

         

         

        

          

pronounced at lower crystal production rates. Impurity penetration was 

limited to the top portion of the purification section, the levels 

rapidly falling to those of the theoretical concentration profile. 

The final product purity was similar to that obtained at the lower 

screw speed. 

It is possible to draw some general conclusions on the optimum 

operating conditions for maximum column performance. The two 

parameters controlling separation in the column are screw speed 

and crystal production rate. Both columns gave the best results 

when operating at the lower screw speed and a high crystal production 

rate. Increasing screw speed promotes the axial diffusion of impurity 

along the column destroying the concentration gradient. A low crystal 

production rate does not allow the build-up of a packed crystal bed. 

Columns operating with a low solids content in the slurry allow 

easier transport of impurity along the column retarding the efficient 

washing of adhered impurity from the crystals. The lower the value 

of crystal production rate and the higher the value of screw speed, 

the greater is the tendency for the concentration gradient to be 

destroyed. 

From the microscopic examination of the crystals it was concluded 

that a lower screw speed gave better crystal quality. As the screw 

speed was increased, there was a reduction in crystal size. Crystals 

produced at high screw speeds were observed to be more spherical 

compared to those at the lower screw speed which were observed as 

plate-shaped. Previous workers concluded that the washing of larger 

crystals was more efficient than equivalent smaller crystals. The 

different operational characteristics of the Archimedean screw were 

also observed. Its effect on the hydrodynamic conditions was more 
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pronounced in the smaller column. In this case it not only 

transported the crystals along the column but imparted a high 

degree of mixing and turbulence within the system. In the larger 

column, the level of agitation was reduced, the screw behaved as a 

transport device, providing little mixing of the phases, especially 

in the purification section operating with a packed crystal bed. 

In an effort to reduce the lengthy procedure of a full systems 

analysis for the column, a design equation was derived to predict 

impurity levels in the product. Initially utilised with a binary 

organic system it was applied to the sodium chloride/water system 

on the 100mm column. From the experimental results, it was concluded 

that the equation was only valid at high values of~ (>0.9); below 

this the simplifying assumptions were not valid. Operating the column 

with little refiux, that is, maximising product, the design equation 

gave a good estimation of the impurity content of the enriched stream. 

However this had only limited application since operating the column 

under these conditions gave a high impurity content in the enriched 

stream. 
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Suggestions for further work 

A range of chemical systems have been investigated in each column 

crystalliser. Much data has been generated on the optimisation of 

the columns and utilised in a mathematical model to investigate the 
I 

purification mechanisms in the columns. Concurrently with the present 

studies, computer investigations into the dynamic modelling and partial 

simulation of the 100mm diameter column were performed(l.56)_ The 

initial attempts to predict column behaviour were confined to the 

freezing section, in which basic equations for heat and mass transfer 

were applied covering the different components. Much of the 

experimental data used for the computer work was gen~rated on the 100 mm 

diameter column, however at the ti~,data on crystal sizes in the column 

was not available. This data is now available for use with the computer 

programme. There is still much work to carry out on the total simulation . \ 

of the complete column. Further computer studies are n~cessary to predict 

concentration profiles, product impurities, etc,for comparison with 

experimental results obtained with the column. 

As part of the continuing research into continuous column crystallisation, 

investigations have been undertaken into fundamental crystallisation 

studies. Operation of the two columns indicated several areas requiring 

in-depth study. Attempts have been made to take the freezing section 

in isolation, nucleate and grow ice crystals within it,and observe 

microscopically the crystals produced. Crys~l washing experiments, 

relating product purity to mother liquor concentration, have been 

performed. Further work is required to refine and develop crystal 

size distribution and measurement techniques for use with an operational 

column. Ultimately it would be desirable to have an on-line sampling 

technique for crystal study, using particle sizing and counting, with 

back-up computing facilities for crystal size distribution analysis. 
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This would allow the detailed analysis of the variables affecting 

crystal quality. 

A. desirable modification to the present system would be the introduction 

of automatic control systems to monitor the column during operation. 

The rate of cooling, liquid stream now rates and ~at input in the 

melting section required constant manual adjustment to maintain 

constant conditions for the experimental runs. A basic system for 

automatic control would require the following: 

(a) Base pressure control 

(b) Base temperature control 

(c) Refrigerant line temperature control 

(d) Feed temperature control 

(e) Bulk refrigerant control 

(f) Feed pressure protection 

(g) Current limiter for conveyor motor drive 

To install the system would require the necessary controllers, 

temperature sensors, pressure transducers and electro-pneumatic valves. 
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APPENDIX 

(A1) Derivation of the design equation (3.60) in chapter (3.6) 

Under economic operating conditions, as defined by Wells et al <53), 

·• D p A TJ » LL /KapA especially at low refluxes. 

This term can be neglected. 

The assumption that the adhering liquid at the feed point has the same 

conposition as the feed, permits the simplification of the overall 

component balances. Thus, from Chapter (3.6) 

where ~ = D PAT'l (3.44) 
L-L' 

and the solution is 

Applying the following conditions Y = YE when Z = 1p (1p = purification 

section length), as demonstrated by Henry(43)_ 

Then 
-¾,; 

= exp. ~ 

Now substituting (3.44) in the above: 

= 
-1p(L-L') 

exp. D p AT') 
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A(3.54) 

(A1) 



And from the initial assumptions, the following conditions apply for 

b. overall 
balances 

L = C + L' - 1i: 

But YE - Yp = YE - CE - ~ YE 

L-L' 

= (L - L' + ~) YE - C £ 

L - I.' 

ie Yi; - Yp = C (YE - £ ) 

L - L' 

using (3.45) 

using (3. 39) 
/ 

Also Y4i - Ip = [Cc+ L'Yy - ~ Y8l _ [CE - 1'E YE] 

L J L - L' 

from (3.38) from (3.45) 

Yt1, - IP = (LL'YF - L' (C £ + L'YF - 1'E YE)) (A2) 

L (L - L') 

ie Ytj, - Yp = L' (LI:, - (CE+ L' YF - ~ YE)) (A3) 

L ([1 - L') 

/ 

Combining equations (3.39) (A3) (A1) gives, 

:a 
-L....(L-L') e. -P ----

(A4) 
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Under conditions other than close to minimum reflux 

so t his term ca.n be neglected in (A4) 

ie L C(YE - £ ) e. 
-11,(L-L') 

= 

L' (L YF - L' YF) 
D pA T) (A5) 

L C (YE - £) -11,(L-L ' ) 
ie = e. (A6) 

L' Y..,. (L - L ' ) 
! 

DpATJ 

Applying the following conditions 

L' = aC (3.46) 

and L = C + L' -½: 

Therefore L - L' = C - ½: = C (1 - ~) (A7) 

and L = L' + C (1 - ~) = C (a+ 1 - ~) (A8) 

Substituting in (A6) gi ves 

ie 

ie 

C ( a+ 1 - ~) C (YE - £) = 

a C YF C ( 1 - ~) 

(a+ 1 - ~) (YE - £) 
= 

C-1p c (1 - ~) 
e~. ------ (M) 

D p AT) 

a YF (1 - ~) 

~ (1 - Jl,;lC] 
exp. D p A 11 (A10) 

(YE - £) = aYF(1 - ~) -~(1-~)CJ 

(a+1-~) 
exp. D p A 11 ( A11) 

This expression relates product composition, product offtake ratio ·~, 

feed composition, YF' and purification section length,½,• The term 

D p A 11 is used to represent the axial dispersion of the impurity. 
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(A2) Desalination 

Calculation of the separation factor~ for experiment D.S(26) 

The concentration profile for the column was constructed by plotting 

the impurity content in the free liquid (p.p.m), Y, against the distance 

(ems) from the feed point, z•. 

The point at which the graph crosses the zero point (feed point) reads 

a concentration of 38,750 p.p.m. This is the value of Y ¢. 

In order to use equation (5.1), Z~, and z2• values were considered such 

that z2• 2 d th • d. t . = an e1r correspon ing concen ration Y, and Y
2 

were read r-t 
from the graph. 

yp = y~ - y2 y~ 

2Y, -Y2 - y-

Equation (5.1) was used to calculate the values of Yp for each set 

of Y, and Y2 values. 

Yp Average= 1650 ppm 

Using this average value for Yp, the (Y - YP) values were calculated 

at each distance z• (sample points). 

Z* . 19 59 

Then from equation (3.54)1 

79 

3.9 

219 

108 

2.4 

113 

2.4 



A plot of (Y-Yp) versus z• on log-linear paper gave a straight line, the 

gradient of which was the negative reciprocal of the separation factor~-

(Fig A~). Gradient= -1 = -(1rl 30,000 - 1n 2~10)/90 

~ 

That is,~ 

= 0.0295 

= 33.95 

Calculation of the Axial Diffusion (D) and overall Masstransfer 

(Ka) .coefficients 

In order to evaluate D and Ka it is necessary to determine the following 

* parameters: C, y , 0 , 17 . The crystal rate was calculated using heat 

and mass balances on experimental measurements made over the freezing 

section of the column. The value of both a and 11 can be determined by 

consideration of the following equations:-

By definition in section (3) a= L' , T'] = L 
c L + L' + C 

Therefore to determine a and TJ , L and L' need first to be calculated. 

From equation (3.39) 

L = C + L' - 1E (3.39) 

A salt balance on the enriching section (Fig 3.13) gives the equation 

Then 

LJ' = L' Y' - ¾: ~ 
L Y¢ = LI y• - 1'E YE 

where Y = Y¢ 

Y'= y• 

y• is determined by plotting a graph of Ys versus Ls and extrapolating 

back to cut the Y axis. At this point 18 = 0 and Ys = Y*, which for this 

case was 95,000 ppm. Knowing the value of Y and using the above equations, 

the values of L and L' can be calculated and hence those for a , 11 . The 

cross-sectional area of the column (A) and the density of the liquid phase 

are easily evaluated and the values of 1'E and YE are determined experimentally. 
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The values of the paramet ers are: - At 60rpm Scr ew Speed) 

C = 0.530 g/sec 1'E = o.4o1 g/sec 

YE= 4 ,000 ppm Y¢ = 38,750 ppm y• = 95,000 ppm 

A = 88.3 cm2 p = 1. 03 g/c~ 

From the above equations L' = 0. 117 and L = 0.247 which give values for 

a= 0.22, ~ = 0.21. Two more values for a and~ were obtained from 

experimental runs and an average used in subsequent equati ons: 

a = 0. 26 , ~ = 0. 28 

The mathemat ical model was written as: 

2 
a(1+a)C 

substi tuting the above values into the equation 

(3.48) 

33. 9 = (0. 53~-o.4615ID(o.28~88.3x1.03)+0.26(1+0~26)(0.530)2 -- o:26.x0. 4oxo.53~ 
L · Ka (88. 3x1 . 03) Ka (88.3x1 .03J 

which simpli fied to 

(DS26) 4.39 = 25.84D + 4.03 x 10- 4 

Ka 

Similar calculations were carried out for experimental runs (DS9) and 

(DS27) usiDg the parameters belews 

Values for the constants: 

DS 9 Ap = 90.95 
DS 27 > 

a = 0. 26 Tl = 0.28 

Values of the experimental parameters: 

(DS 9) C = 0.574 g/sec ½: = o. 472 g/sec ~= 43.80 

(DS 27) C = 0. 518 g/sec ½: = 0.358 g/sec ~= 29.25 
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Which yielded the following equations: 

(DS 9) 4.4? = 25.84 + 4-12 x 1◊-4 
Ka 

(DS '2:/) 4.69 = 25.84 + 4.36 x 10-4 
Ka 

These three simultaneous equations were solved and values for the 

Diffusion and Overall Mass Transfer rate obtained. 

6 -2 2 -1 
D = 2. 5 x 10 cm s (for a Screw Speed of 60 rpm) 

Ka= 1.09 x 10-4 ;;-l 

Substitution of these values back into equation (3.48) allows the 

calculation of the theoretical value for the separation factor~ 

to be determined and compared with that obtained experimentally. 

Thus for experimental runs 

(DS 9) ~ (Theo) = 43.75 Percentage difference = 0.1% 

(DS 26) ~ (Theo) = 33.97 Percentage difference = 0.1% 

(DS 27) ~ (Theo) = 29.25 Percentage difference = o.a¼ 

Using these theoretical values of~ in equation (3.54) 

= e. 

a theoretical concentration profile can be computed and compared 

to the experimentally measured concentration profile. The values 

of Yp and Y~ are estimated from the experimental measurements, the 

theoretical values of Y being computed at the sample point locations 

down the coLumn, (Z*). 

Parameters for: 

(DS 9) 

(DS 26) 

(DS 27) 

(p.p.m) 

yp = 603 

YP =16BO 

yp = 968 
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y<f, = 50,000 

y¢ = 38,750 
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Position in column 

(Z* ) ems 

19 

39 

59 

79 

89 

108 

113 

Theoretical concentration profiles (x1<Y)p.p.m 

(DS 9) (DS 26) (DS Z?) 

32. 98 23.17 24.36 

21.09 13.59 12.77 

13. 57 8. 28 6.93 

8.82 5.33 3.98 

7. 14 4.39 3.10 

4.84 3.22 2.08 

4.34 3.00 1.91 

The experimental concentration profiles are presented as follows ; 

(DS 9) FIG. (A. 2) 
(DS 26) FIG. (A. 3) 

(DS 27 ) FIG. ( A .4 ) 
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A comparison of the two sets of data is presented in Figs (A2), (A3), (A4). 

A similar mathemati cal analysi s was carried out on another series of 

desalination runs, however this time the column was operated at a screw 

speed of 100 rpm, enabling a comparison with the 60 rpm data, to be made. 

Val ues of constants: for (DS 31, DS 32, DS 33, DS 34) 

Ap = 90.95 a = 0.16 Tl = 0.18 

Values for the experimental parameters: 

(DS3;l) C = o.485 g/sec 1-'E = o.438 g/sec ~ = 37.60 

(DS32) C = 0.520 g/sec 1-'E = o.470 g/sec ~ = 35-~4 

(DS33) C = 0.390 g/sec ½: = 0.363 g/sec ~ = 42.10 

(DS34) C = o.443 g/sec 1'E = o.401 g/sec ~ = 37.34 

Substituting the values into equat ion (3.48) yield the following 

simul taneous equat ions. 

(DS31) -1.79 = 16.4bD + -4/K 1. 10 X 10 a 

(DS32) 1.75 = 16.460 -4/K + 1.25 X 10 a 

(DS33) 1.12 = 16.46D + 0.63 X 10- 4/Ka 

(DS34) 1.59 = 16. 46D - 4/K + 0.91 X 10 a 

whi ch when solved give the following values for the Diffusion and 

Overall Mass Transfer coefficients. 

- 2 2 - 1 D = 3.13 x 10 cm S 
-4 - 1 Ka= 1. 07 X 10 S 

(at 100 rpm Screw Speed) 

Theoretical values for the separation factor~ can be calculated 

usi ng these values and compared with the experimental values. 

Run No !:!E,(experimental) ~(theoretical) Percentage difference 

(DS31) 37.60 32.48 15.8 % 
(DS32) 35. 44 34.08 4.o % 
(DS33) 42.10 41.42 1.6 % 
(DS34) 37.34 32.14 16.2 % 
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(Y-Y )(p.p.m.) p 

ro 

FIG. (A.l) 

* Log/Semi-Log plot of (Y-Y ) vs. Z p 

- run DS 9 
A----d run DS ~ 
+--+ run DS 27 

4 

S(;rew speed 60 rpm 

103 ..,_---....----------------------,------, 
0 20 

Y (x103 p.p.m.) 

NaCl 

50 

40 

30 

20 

10 

0 20 

100* 120 
Z (ems) 

40 60 80 

FIG. (A.2) 
Sodium Chloride concentration down the column. 

(a) measured experimentally 
(b) calculated from the mathematical model 

40 60 
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Y (xl03 P• p.m.) 
NaCl 

50 

40 

30 

20 

10 

0 20 

Y (xl03 p.p.m.) 
NaCl 

50 

40 

30 

20 

10 

0 20 

FIG. (A.3) 

Sodium Chloride concentration down the column. 

(a) measured experimentally 
(b) calculated from the mathematical model 

(a) .A--t. 
(b) ---• 
Screw speed 60 rpm 

40 60 80 100 * 120 
Z (ems) 

F.IG. (A.4) 

Sodium Chloride concentration down the column. 

(a) measured experimentally 
(b) calculated from the mathematical model 

40 60 80 
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Using the calculated theoretical value of H, it is possible to 
E 

compute the theoretical concentration profiles. 

Run (DS31) (DS32) (DS33) (DS34) 

!\6 (ppm) 4o.0x1o3 50.ox1CY 32.ox1CY 34.ox1CY 

!p.(ppm) -165 -370 +325 +382 

Position in the column Theoretical values of Y (x1CY) p.p.m 

(z•) ems (DS31) (DS32) (DS33) (DS34) 

19 22.56 28.90 20.59 19.29 

39 12.11 15.91 12.83 10.53 

59 6.47 8.68 8.04 5.83 

79 3.42 4.66 5.09 3.31 

89 2.47 3.38 4.06 2.52 

108 1.30 1.78 2.69 1.57 

113 ·1.09 1.49 2.42 1.4o 

The comparisons are displayed in Figs (A6), (A?), (A8), (A9). 

The experimental concentration profiles are presented as follows: 
(DS 31) FIG. (A.6) 

(DS 32) FIG. (A.7) 

(OS 33) FIG. (A.8) 

(OS 34) FIG. (A.9) 
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(Y-Yp)(p. p.m.) 

105 

FIG. (A.5) 

Log/Semi-Log plot of (Y-Yp) * vs. z 

·--- run OS 31 
+----+ run- OS 32 
6 11 run OS 33 
o---o run DS 34 

Screw speed 100 rpm 

0 20 

3 Y (xlO p.p.m.) 
NaCl 

50 

40 

30 

20 

10 

0 20 

40 60 80 

FIG. (A.6) 

100 120 
* Z (ems) 

Sodium· Chloride concentration down the column. 

(a) measured experimentally 
(b) calculated from the mathematical model 

40 60 
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3 Y (xl0 P• p.m.) 

NaCl 

50 

40 

30 

20 

10 

0 20 

3 Y (xl0 p.p.m.) 

NaCl 

50 

40 

30 

20 

10 

0 

Sodium Chloride concentration down the column. 

(a) measured experimentally 
(b) calculated from the mathematical model 

40 60 

FIG. (A.8) 

(a) li--/J ' 
(b) e,---

Screw speed 100 rpm 

80 100* 120 
Z (ems ) 

Sodium chloride concentration down the column. 

(a ) measured experimentally 
(b ) calculated from the mathematical model 

40 60 80 
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(b) •---• 

Screw speed 100 rpm 
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3 Y (x 10 p.p.m.) 

NaCl 

50 

40 

30 

20 

10 

0 20 40 

FIG. (A.9) 

Sodium Chloride concentration down the column. 

(a) measured experimentally 
(b) calculated from the mathematical model 

Screw speed 100 rpm 

60 80 100 * 120 
Z (ems 
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Ethanol Concentration 

Calculat ion of the Axial Diffusion (D) and Overall Mass transfer 

(Ka) coefficients 

A mathematical analysis for the~hanol/water system is carried out for 

t he stripping section. For the column configuration employed,only two 

concentrations can be measured accurately, the values for the ethanol 

entering and leaving the stripping section. This is performed at four 

different crystal production rates allowing average values for D and Ka 

to be computed. The value of Yp i s calculated from equation (3.56) 

Yp =(Ce:.+ LsYs) / (C + Ls) 

The value of e:. being determined from an analysis of the enriching 

section using the analogous equation to that above. The separation 

for the stripping section is given in equation (3.57) 

The constants A, p , TJ , a 

a ( 1+ a ) c2 
+ 

IC aAp · 
atsc] 

were evaluated as before, the column 

being operated at four known cryst al production rates, constant product 

removal rate (Ls),and the resulting value of Ya measured. 

Values of the experimental parameters: 

Ap = 85.77 a = 1.65 11 = o.41 Ls = 0.383 g/sec 

Run ( 1) C = 0. 321+ g/sec Hs = 92.90 at 34 r.p.m 

Run (23) C = 0.315 g/sec Hs = 71.20 

Run (24) C = 0.301 g/sec Hs = 75.63 

Run (25) C = 0.261 g/sec Hs = 69.60 

Substitution of these values in (3.57) yields four simultaneous 

equat i ons. 
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Run (1) 65.68 = 35.17D + 0.77 X 10-2 
Ka 

Run (23) 49. 70 = 35.17D + 0.74 X 10- 2 
Ka 

8 - 2 Run (24) 51.73 = 35.17D + o.6 x 10 
Ka 

Run (25) 44.83 = 35.17D + 0.54 X 10- 2 
Ka 

which when solved give the following values for the diffusion 

and overall mass transfer r ates: 

D = 0.71 
2 - 1 cm sec 

6 - 4 -1 Ka = 2. 7x10 sec at 34 r.p.m 

Substitut i on of these averaged values back into equation (3.57) 

allows t he calculation of the theoretical value for the separation 

factor Hs to be determined,and compared with that obtained experimentally. 

Thus for the experimental runs, the following values were calculated: 

Run No 

( 1) 

(23) 

(24) 

(25) 

Hs (experimental) Rs 

92.90 

71.20 

75.63 

69. 60 

(theoretical) Percentage difference 

76 . 29 21.8 

75.35 5.5 

73.94 2.3 

70.21 0.9 

Taking the theoretical val ues of Hs, it is possible to use them in 

equation (3.55), with the parameters below, to give an estimation 

of the concentration of ethanol (Ys) in the top product. 

l n ( Y
5 

- y ) = -(Z - ZF)/Hs -+- 1 n(Y¢ - Yp) (3.55) p 

Run ( 1) (23) (24) (25) 

~ (%) 13.8 12.3 12. 3 11.5 

:e. (%) 9.6 9.7 9.6 9.5 



Giving the following values a 

Run (1) -
(Ys)experimental 15.5 

(Ys)theoretica.l 15.8 

(23) 

13.6 

13.4 

(24) 

13.6 

12.6 

(25) 

12.5 

12.5 

A comparison of the effect of crystal production rate on ethanol 

enrichment in the top product for experimental runs and corresponding 

theoretical estimations is presented in Fig (A.10). 

FIG. (A. 10) 

Effect of crystal rate on the concentration 

of ethanol in the top product. 

5.0 

4.0 

3.0 • 

·-• Ys (Experimental) 
2.0 ,_. YS (Theoretical) 

1.0 

0.25 0.27 0.29 0.31 0 .33 

Crystal rate (g/sec) 
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(A.4) Waste Effluent Recovery 

Calculation of the Axial Diffusion (D) and Overall Mass transfer 

(Ka) coefficients 

A mathematical analysis was carried out using the same procedure 

adopted in the calculation of the parameters for the desalination 

work. For three crystal production rates at constant product 

removal rates, the separation factor fit was determined (Fig A.11). 

Run ( 1) C = 0.178 g/sec Li = 0.1'01 g/sec HE= 31.46 

Run (4) C = 0.193 g/sec 1-E = 0.101 g/sec BE;= 26.53 

Run (7) C = 0.226 g/sec 1E = 0.098 g/.sec ~ = 19.62 

Values of the experimental parameters: 

A= 12.43 p = 1.016 a= o.43 TJ = o.42 at 60 r.p.m 

Substitution of these values in (3.48) yiel~s the following 

simultaneous equations, 

Run (1) 2.43 = 

Run (4) 2.45 = 

Run (7) = 

+ 

5.330 + 

5-33D + 

1.17x1o-3 
Ka 

1.75x10-3 
Ka 

which when solved give the following values for the diffusion 

and overall mass transfer rates: 

D = 0.44 2 -1 cm sec 

6 -3 -1 Ka= 9.9 x10 sec 

at 60 r.p.m 

Substitution of these values back into equation (3.48) allows the 

calculation of the theoretical value for the separation factor~ 

to be determined and compared with that obtained experimentally. 
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Run (1) 8E (experimental) = 31.46 HE (theoretical) = 31.46 

Run (4) II =· 26.5~ ~ 
II = 26.52 

Run (7) " = 19.62 II = 19.63 

The percentage difference in the two sets of values is negligible. 

Substitution of the HE(Theoretical) values back into equation (3.54) 

(describes the concentration profile) allows a comparison to be made 

between the experimental data points and those calculated from the 

model. 

Parameters for: 

Run ( 1) (4) (7) 

Y.~ (p;em)x10 3 32.5 36.0 36.0 
y 

C:1212m) 34 p -115 1453 

The theoretical concentration profiles are: 

Po~ in the column Run (1) Run (4) Run (?) 

z• (ems) x1c3 (E•E•m) x1c3 (p.p.m) x1c3 (p.p.m) 

10 24.42 25.61 23.29 

25 15.17 14.50 11.62 

35 11.05 9.91 7.56 

60 5.01 3.79 3. 16 

A comparison of the two sets of dat. is presented in Figs (A.12), 

(A.13), (A.14). 

The experimental concentration profiles are presented as follows: 

Run W.E. (1) 

Run W".E. (4) 

Run W.E. (?) 

FIG (A.12) 

FIG (A.13) 

FIG (A.14) 
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(Y- Yp)(p. p. m. ) FIG. (A.11) 

105 Log /Semi-Log (Y- Yp) vs. * pl ot of 2 

. -· run WE (1) 
A-A run WE (4) 

+---+ run WE (7) 

Screw Speed 60 rpm 

0 10 

3 Y (xlO p,p.m. ) 

15.0 

10. 

5 . 0 

0 

0 10 

20 30 40 50 * 60 
Z (ems) 

Total salt concentration down the column. 
(a) measur ed experimentally 
(b) calculated from the mathematical model 

(a) •--• 
(b) • - • 

Screw speed 60 rpm 

20 30 40 50 * 60 
Z (ems) 
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3 Y (xlO p.p.m.) 

25.0 

20.0 

15.0 

10. 0 

5.0 
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0 

25. 

20.0 

15.0 

10. 

s.o 

0 

0 10 

20 

FIG. (A.13) 
Total salt concentration down t he column. 

(a ) measured exprimentally 
(b) calculated from the mathematical model 

4 

30 

FIG . (A.14 ) 

(a) 4-4 
(b) •- • 

Screw speed 60 rpm 

40 50 * 60 
Z (ems) 

Total sal t concentration down the column. 
{a) measured exper imentally 
(b) calculated from the mathematical model 

(a) 4 - A 
(b) • - • 

Screw speed 60 rpm 

20 30 40 50 * 60 
Z (ems) 
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(A. S) 

In the development of the mathematical model, Henry concluded that 

the contribution of the (d
2
Y/dZ2) term in equation (3.37) was negligible. 

Comparison of the experimental and calculated composition profiles showed 

very close agreement over the whole column length ,confirming the 

internal consistancy of the data and the model,(Henrys data for the 

composition Y vs. posit ion in the column Z was essentially linear over 

the column enriching section). The data for the present study in 

Appendices (A.2,A.4) show a somewhat different trend. Both the experimental 

and theoretical composition profiles are curved at the top of the enriching 

section, approaching linearity towards the bottom of the section. For 

* * * low values of Z ,(Z equals O to 50 ems. for the 100 mm. column, Z equals 

0 to 25 ems . for the 50 nnn. colutID1), both curves show a rate of change 

* of gradient over the above ranges of Z. After this point the rate of 

* change of composi tion Y with position in the column Z shows a linear 

dependence . This rate of change of gradient over the top portion of the 

enriching section suggests that the (d2Y/dZ2) term of equation (3.37) 

does influence the composition profile in this portion of the colutID1. 

* 
Wh.en Z is large , this contribution is small in its effect upon the final 

impurity levels of the product. However, using a shorter, wide bore colutID1, 

predicted concentration profiles would indicate better separations than 

coul d be achieved practically on the column . 
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